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DFT Density functional theory 
DHA Detailed hydrocarbon analyzer 
e.g. exempli gratia (for example) 
EDX Energy-dispersive x-ray spectroscopy 
FC Flow controller 
FID Flame ionization detector 
FWHM Full width at half maximum 
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HHV Higher heating value 
HPLC High performance liquid chromatography 
HRTEM High-resolution transmission electron microscopy 
HTK-S High-throughput kinetics screening 
HYD Hydrogenation 
i.d. internal diameter 
i.e. that is 
ICP-OES Inductively coupled plasma-optical emission spectroscopy 




LAS Lewis acid sites 
LHSV Liquid hourly space velocity 
MFC Mass flow controller 
MS Mass spectrometer 
MSI metal-support interactions 
PDF Powder diffraction file 
PONA Paraffin – Olefin – Naphthene – Aromatic 
SiC Silicon carbide 
SSA Specific surface area 
(S)TEM (Scanning) Transmission electron microscopy 
TC Temperature controller 
TCD Thermal conductivity detector 
TEM Transmission electron microscopy 
TMP Transition metal phosphide 
TMN Transition metal nitride 
TMC Transition metal carbide 
TOF Turn over frequency 
TOS Time on stream 
TPD Temperature programmed desorption 
TPO Temperature programmed oxidation 
TPR Temperature programmed reduction 
wt% weight percentage 
XPS X-ray photoelectron spectroscopy 
XRD X-Ray diffraction 
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ΔHr enthalpy of reaction kJ mol
-1 
ΔP pressure drop over the catalyst bed MPa 




ΔTint internal temperature difference between the external surface and 
the average in the particle 
°C 
Ai  chromatogram peak surface area for component i a.u. 
at,i the number of t atoms in component i - 
b instrumental width nm 
BE binding energy eV 
c BET constant - 
Ca  carberry number  - 
Caliphatic aliphatic carbon  
Caromatic aromatic carbon  
CFi,  calibration factor of component i - 
cni number of carbon atoms in molecule i - 
d the lattice spacing (inter-planar distance) nm 
dXRD crystallite size nm 
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NMo number of moles of exposed Mo atoms on the catalyst mol 
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Sproduct product selectivity - 
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T temperature °C 
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Td desoprtion temperature °C 
TO thermocouple located near the heating element (HTK-S)  
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V liquid molar volume cm3 mol-1 
W catalyst mass kg 
W/Fº space time, ratio of catalyst mass/inlet molar flow rate of reactant kg s mol-1 
xi mole fraction for component i - 
X conversion - 
Xk conversion of reactant k - 
yj molar fraction of component j in the reactor effluent - 
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Yi yield of product i - 
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β line broadening at half maximum intensity - 
𝜀 porosity - 
μ(E) absorption coefficient m-1 
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𝜙m mass balance - 
Φ  Weisz modulus  - 
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Active site Functional group/Chemical species responsible for the catalytic 
activity. 
Adsorbate The adsorbed species 
Adsorbent Surface on which adsorbate adheres 
Adsorption Adherence of the atoms, ions or molecules of a gas or liquid to 
the surface of another substance. 
Ambient conditions  Referring to conditions of atmospheric pressure i.e., 0.1MPa and 
room temperature i.e., 25 °C. 
As-prepared catalyst The catalyst material after the calcination step. 
Calcination Heating in air or oxygen (most likely to be applied during the 
catalyst synthesis). 
Catalyst A source of active sites, which augments the rate of a chemical 
reaction and is regenerated at the end of a closed reaction 
sequence. 
Catalyst support Refers to a material, usually a solid with a high surface area, on 
which a catalytically active material is deposited. The support 
may be catalytically inert, but it may contribute to the overall 
catalytic activity. 
Chemisorption Adsorption in which the forces involved are valence forces of the 
same kind as those operating in the formation of chemical 
compounds. Chemisorption strongly depends on the surface and 
the sorptive, and only one layer of chemisorbed molecules is 
formed. Its adsorption energy is the same order of magnitude as 
in chemical reactions, and the adsorption may be activated. 
Conversion Measure for a reactant that has been transformed into products 
because of a chemical reaction. 
Coordinatively 
Unsaturated Site (CUS) 
Coordinatively Unsaturated Site (CUS) is an active site at the 




Deactivation The decrease in conversion in a catalytic reaction with time of 
run under constant reaction conditions 
Desorption The release of one substance from another, either from the 
surface or through the surface 
External diffusion Also called interphase diffusion. Diffusion from the fluid phase 
to the external surface of catalyst. 
Fixed bed reactor It is a vessel that contains catalyst material, usually in pellet 
form, packed as a static bed. The core part of any fixed-bed 
reactor is the solid catalyst where the reaction takes place. 
Gas Chromatography (GC) The process in which the components of a chemical mixture are 
separated from one another by injecting the sample into a carrier 
gas, which is passing through a column or over a bed of packing 
with different affinities for adsorption of the components to be 
separated. 
Hydrotreating A catalytic process carried out in the presence of hydrogen to 
improve the properties of various (bio)-oil fractions via removal 
of contaminants such as nitrogen, sulfur, oxygen, and metals. 
High Throughput Screening Scientific method relevant to the field of chemistry and biology, 
in which multiple experimental samples are subjected to 
simultaneous testing under given conditions. 
Intermediate It is formed from a reactant and transforms into a product during 
a chemical reaction. 
Internal diffusion Also called intra-particle diffusion. Motion of atoms within the 
particles of a solid phase that has a sufficiently large porosity to 
allow this motion. 
Lignocellulosic biomass Biomass composed of cellulose, hemicellulose and lignin. 
Physisorption It is the physical bonding of gas molecules to the surface of a 
solid or liquid that the gas meets at low temperatures. This occurs 
due to Van der Waals forces. 
Porosity A measure of the void spaces in a material, expressed as the ratio 




Reaction family Classification of elementary reaction steps based on same 
features. 
Reaction mechanism A sequence of elementary steps in which reactants are converted 
into products, through the formation of intermediates 
Reaction rate The number of moles of a component created by a chemical 
reaction per unit of time, volume or catalyst weight. 
Residence time Amount of time that the components spend inside the reactor 
Selectivity The total amount of reactant to form a product per total amount 
of reactant consumed. 
Sorption Assimilation of molecules of one substance by a material in a 
different phase. Adsorption (sorption on a surface) and 
absorption (sorption into bulk material) are two types of sorption 
phenomena. 
Space time Ratio of catalyst mass to the feed flow rate. Typically has the 
units of kgcat s mol
-1 
Spent catalyst The recovered catalyst after an activity or stability test 
Steady state A system in steady-state has certain properties that are time 
independent 
Sulfided catalysts Catalysts that contain the sulfided phase as the active phase and 
promote hydrogenation reactions. These are generally used in the 
hydrotreating industry for chemical upgradation of fuels. 
Turnover frequency It quantifies the specific activity of a catalytic site for a special 
reaction under defined reaction conditions by the number of 
molecular reactions occurring per active site per and unit time. 
Yield Refers to the mol amount of a specific product formed per mole 

















Accelerated consumption of fossil fuels and global climate change has led to major 
worldwide concerns with respect to availability of resources and sustainability. The need for 
sustainable energy sources and corresponding conversion technologies is increasing to reduce the 
carbon footprint originating from transportation fuels and chemicals production. To address these 
concerns, out of several alternatives, biomass appears as a promising option to address these 
growing sustainable energy demands. It is one of the most abundantly available renewable 
resources on earth and practically the only one to be (easily) converted to liquid fuel. 
Lignocellulose is currently the most abundant source of plant biomass, which can be converted to 
bio-oil through catalytic and/or thermochemical processing (e.g., fast pyrolysis). Due to its high 
viscosity, high oxygen content, low heating value, pronounced thermal instability and 
incompatibility with conventional fuels, bio-oil tends to char surfaces and limit the efficiency of 
the engines in which it would be used. Thus, bio-oil needs chemical upgrading to mitigate these 
issues related to the oxygen content, stability, viscosity, and energy value. Catalytic 
hydrodeoxygenation (HDO) of bio-oil represents an attractive route for improving the quality of 
the oil via oxygen removal, during which fuels or suitable blending agents including aromatic and 
aliphatic hydrocarbons such as benzene, toluene, and cycloalkanes can be produced. For the past 
few decades, bio-oil catalytic hydrotreatment has attracted attention of many researchers working 
in the fields of catalyst development, reaction and process engineering. The present thesis is 
focusing on catalyst development for bio-oil HDO from model compound and feed mixtures 
perspective. 
For efficient integration of the production of lignocellulose-based biofuels into the overall 
energy supply, it is important to optimize the corresponding production process and, hence, 
enhance its economic viability. It is, therefore, crucial that the process configuration and 
corresponding operating conditions, including the catalyst selection, are well tailored to have 
hydrodeoxygenation reactions occurring in the most efficient manner. Due to the pronounced 
chemical complexity of bio-oil, laboratory scale investigations typically make use of model 
compounds. HDO behavior analysis of model compounds, focusing on single, well-selected 




gaining insight into the reaction mechanism and establishing relations between operating 
conditions and conversion of different types of molecules with a much more reasonable analytical 
effort.  
As an initial step in bio-oil hydrotreatment kinetics investigation, the first results part of the 
thesis (Chapter 3) focusses on the reactivity and stability of supported Mo oxide catalysts for the 
hydrodeoxygenation (HDO) of anisole, a bio-oil model compound. One aspect of this chapter 
specifically relates to the effect of the active molybdenum loading on zirconia support on the 
structural properties and HDO reactivity trends. The other main aspect of this chapter assesses the 
role of different material preparation conditions over the catalysts’ active surface composition and 
subsequent effect on catalyst stability and overall activity.  
MoO3 loadings on zirconia supported catalysts were varied to form controlled amounts of 
isolated, oligomeric species, and crystalline MoO3 and Zr(MoO4)2 crystallites. The origin of the 
observed differences in HDO rates as a function of the MoO3 loading was investigated by 
combining reactivity studies with characterization techniques. It allowed identifying that the 
highest anisole conversion was obtained on the catalyst(s) with 12wt% Mo loading, while the 7wt% 
Mo loaded one(s) exhibited the highest turnover frequency (TOFanisole) amounting to 0.15 s
−1 (see 
Figure 1). In order to assess different routes to prepare active Mo sites, a post-synthesis 
modification was implemented on Mo oxide catalysts inspired by carburization procedures. The 
as-synthesized oxide catalysts were modified under H2/CH4 (80/20%, v/v) at 550 and 700 °C. The 
aim of the post-synthesis modification was to increase the concentration of sites (Mo5+ species) 
exhibiting a higher activity compared to those formed by reduction in pure hydrogen. CO 
chemisorption, XPS analysis and kinetic measurements indicated that treatment under H2/CH4 
slightly reduced the initial anisole conversion, yet enhanced catalyst stability as well as TOF, 
probably due to the increased amounts of Mo5+ species. The post-synthesis modification enriched 
the formation of the active reduced Mo form (Mo5+) in Mo catalysts accounting for the catalyst 
activity during anisole HDO. 
During anisole HDO, a predominant selectivity towards hydrodeoxygenation and methyl 
transfer reactions rather than to hydrogenation was observed, see Figure 1, irrespective of the 




acquired data suggest that anisole transformation under the investigated HDO conditions over 
the Mo catalysts occurs through a complex reaction network, see Figure 2. 
 
Figure 1: TOFanisole and product selectivities for anisole hydrodeoxygenation on zirconia 
supported MoO3 catalysts. Sizes of the product molecules qualitatively refers to their 
selectivities. 
 
Figure 2: Proposed reaction network for anisole HDO on Mo and (Co)Mo catalysts 
To broaden the scope of the investigated catalytic materials, the role of the catalyst support 
as well as incorporation of another metal (Co) into the Mo catalyst were assessed using anisole as 
bio-oil model compound. A Mo loading of ca. 10wt% was proposed based on the observed 
differences in activity as a function of MoO3 loading in Chapter 3, with varying Co/Mo ratio, 0-1. 
Alumina supported catalysts exhibited a higher initial activity (Xanisole ≈ 97%) relative to titania 

















enhanced the total HDO selectivity by 45% as compared to Mo catalysts. Titania supported 
catalysts exhibited a relatively more pronounced stability compared to zirconia and alumina 
catalysts in a period of 50h time on stream (TOS), while zirconia catalysts exhibited the highest 
HDO selectivity (up to 86%), see Figure 3. Characterization studies of pre and post-reaction 
catalysts indicate Mo5+ to be the main active phase while over-reduction to lower Mo states (Mo4+ 
and Mo3+) as well as carbon deposition are identified as the cause for catalyst activity decrease 
with time on stream (TOS). This reinforced the conclusion about the role of Mo5+ as the main active 
species as indicated above for Mo only catalysts in anisole HDO. 
 
Figure 3: Deoxygenated product selectivities for anisole hydrodeoxygenation on supported 
(Co)Mo catalysts 
Incorporation of Co into Mo catalytic system selectively affected the kinetics of the already 
considered steps and resulted in an enhanced total HDO product (BTX-benzene, toluene, and 
xylenes) selectivity rather than opening up new reaction pathways compared to the ones proposed 
in Figure 2. The intrinsic kinetic studies performed on anisole as a bio-oil model compound led to 
clear insights in the reaction mechanism, product selectivities and the nature of active sites on 
supported mono (Mo) and bimetallic (CoMo) oxides in their non-sulfided reduced form(s). 
In an attempt to obtain some initial insights into the experimentation with different model 
compounds for bio-oil, the HDO behavior of various other oxygenates, such as, alcohols, 
aldehydes, carboxylic acids was tested on a NiMo catalyst, in addition to the CoMo catalyst 
considered in Chapter 4. Furthermore, the extrapolation of the information obtained on individual 
































assessment of the HDO of mixtures of compounds with various oxygen functionalities and carbon 
numbers, such as alcohols (hexanol, heptanol), aldehydes (hexanal, heptanal), aromatics (phenol, 
anisole) and carboxylic acids (acetic, hexanoic and heptanoic acids). Binary mixtures with one 
model molecule being aromatic and the other being aldehyde and/or carboxylic acid, ternary 
mixtures with one model molecule each of aromatic, aldehyde and carboxylic acid were prepared. 
These mixtures represent the typical classes of compounds occurring in a real bio-oil feed and, 
hence, allow observing the simultaneous HDO reactivity behavior of compounds corresponding to 
the lignin as well as the sugar fraction of the bio-oil.  
Overall, the NiMo catalyst exhibited higher activity in comparison to the CoMo catalyst 
during HDO of single compound as well as mixture feeds at temperatures in the range of 100-
350 °C. Aldehydes (hexanal and heptanal) exhibited higher reactivity compared to other oxygen 
functionalities tested, such as, aromatics (anisole, phenol), carboxylic acids (heptanoic acid, 
hexanoic acid and acetic acid), and alcohols (heptanol). Hydrogenation activity of aromatics 
(anisole, phenol) was on par with the reactivity of carboxylic acids. The presence of heptanoic acid 
in feed mixtures along with heptanal and anisole, inhibited the conversion of heptanal and anisole, 
shifting it to higher temperatures. This has been attributed to competitive adsorption of the acid 
with the aldehyde and aromatic oxygenates. In comparison, heptanoic acid resulted in a more 
pronounced decrease in anisole conversion than acetic acid. 
The thesis results demonstrate that, Mo5+ species act as the main contributors to the activity 
of Mo catalysts for bio-oil HDO. Using anisole as a model molecule 10-12wt% Mo loading was 
identified as optimal with respect to activity. Co addition to Mo catalysts enhanced the HDO 
selectivity up to 45%. A zirconia support allowed further enhancing the deoxygenated product 
selectivity up to 86%, while titania as support resulted in a more stable catalyst during anisole 
HDO. Mo and (Co)Mo catalysts exhibited interesting selectivities towards deoxygenation and 
trans-alkylation reactions rather than aromatic ring hydrogenation during anisole HDO. The NiMo 
catalyst has a higher overall activity during anisole HDO compared to the CoMo catalyst, it favors 
hydrogenation of the aromatic ring over deoxygenation in contrast to the CoMo catalyst where 
deoxygenation is favored more. In terms of HDO reactivity, aldehydes (heptanal, hexanal) ranked 
highest in comparison to carboxylic acids and alcohols. Carboxylic acids inhibit the conversion of 




thesis presents an experimental assessment of catalytic HDO on reducible transition metal oxides 
to enable the design of efficient catalytic materials and processes with the use of different model 









Het verhoogde verbruik van fossiele brandstoffen heeft geleid tot wereldwijde bezorgdheid 
omtrent duurzaamheid en de beschikbaarheid van grondstoffen. De nood aan hernieuwbare 
energiebronnen en daarbij horende omzettingsprocessen neemt toe om de ecologische voetafdruk, 
die te wijten is aan de productie van chemicaliën en brandstoffen, in te perken. Om deze 
bezorgdheden aan te pakken lijkt biomassa, uit een rist alternatieven, de meest geschikte optie om 
aan de groeiende vraag naar hernieuwbare energie tegemoet te komen. Biomassa is de meest 
toegankelijke hernieuwbare grondstof op aarde en waarschijnlijk de enige die (makkelijk) kan 
omgezet worden in vloeibare brandstoffen. Op dit moment is lignocellulose de grootste bron van 
plantaardige biomassa die via katalytische of thermochemische processen (zoals snelle pyrolyse) 
kan omgezet worden naar bio-olie. Ten gevolge van de hoge viscositeit, het hoge zuurstofgehalte, 
de lage verwarmingswaarde, duidelijk uitgesproken thermische onstabiliteit en de beperkte 
mengbaarheid met traditionele brandstoffen, heeft bio-olie de neiging bepaalde oppervlakken te 
verkolen en zodoende de efficiëntie van de motoren waarin ze gebruikt zou worden te beperken. 
Bijgevolg dient bio-olie op chemische wijze geüpgraded te worden om deze problemen gerelateerd 
aan het zuurstofgehalte, de stabiliteit, de viscositeit en de energiewaarde te beperken. Katalytische 
hydrodeoxygenering (HDO) van bio-olie is een aantrekkelijk proces om de kwaliteit te verbeteren 
door middel van de verwijdering van zuurstof. Zodoende worden er brandstoffen of mengbare 
componenten geproduceerd, zoals aromatische en alifatische koolwaterstoffen zoals benzeen, 
tolueen en cycloalkanen. De afgelopen decennia is de interesse in de katalytische 
waterstofbehandeling door vele onderzoekers werkend in domeinen van katalysatorontwikkeling, 
reactietechniek en procestechniek enkel toegenomen. In dit proefschrift ligt de nadruk op 
katalysatorontwerp voor de HDO van bio-olie vanuit modelcomponenten en mengsels van 
verschillende voedingen. 
Om de productie van biobrandstoffen vanuit lignocellulose efficiënt in te werken in de 
energietoevoer is het belangrijk de bestaande productieprocessen te gaan optimaliseren. Bijgevolg 
worden deze technologieën ook competitiever vanuit economisch perspectief. Het is daarom 
belangrijk dat de procesconfiguratie en de bijhorende reactiecondities, waaronder ook de selectie 




verlopen. Door de uitgesproken ingewikkelde samenstelling van bio-olie wordt bij onderzoek op 
laboschaal veelal gebruik gemaakt van modelcomponenten. De analyse van het HDO gedrag van 
modelcomponenten, waarbij de focus gelegd wordt op het afzonderlijk onderzoek van een paar 
zorgvuldig uitgekozen componenten i.p.v. een complex mengsel van deze componenten, leidt ertoe 
dat de prestaties van de katalysator zorgvuldig kunnen getoetst worden. Daarenboven kan hierbij 
inzicht in het reactiemechanisme verkregen worden en kunnen links tussen de reactiecondities en 
de conversie van verschillende moleculen gelegd worden met een beperktere analytische 
inspanning. 
Als eerste wordt de kinetiek van de waterstofbehandeling van bio-olie onderzocht. In 
hoofdstuk 3 van dit proefschrift wordt de reactiviteit en stabiliteit van gedragen Mo oxide 
katalysatoren voor de HDO van anisol, als modelcomponent van bio-olie, onderzocht. In dit 
hoofdstuk wordt er specifiek gekeken naar het effect van de actieve molybdeen belading op de 
zirkonium drager op de structurele eigenschappen en trends in HDO-reactiviteit. Aan de andere 
kant wordt in dit hoofdstuk de rol van verschillende materiaal voorbereidingscondities geëvalueerd 
op de actieve oppervlakte van de katalysatoren en het daaraan gerelateerde effect op de 
katalysatorstabiliteit en activiteit. 
MoO3 beladingen op zirkonium gedragen katalysatoren werden gevarieerd om specifieke 
hoeveelheden, geïsoleerde, oligomeren, kristallijn MoO3 en Zr(MoO4)2 kristallieten te vormen. De 
oorzaak van de verschillen in waargenomen HDO snelheden als functie van de MoO3 belading 
werd onderzocht d.m.v. een combinatie van reactiviteits- en karaktersatiestudies. Zo werd 
vastgesteld dat de hoogste conversie van anisol verkregen werd op katalysatoren met een Mo lading 
van 12 wt%. De katalysatoren met een Mo lading van 7 wt% vertoonden dan weer de hoogste 
turnoverfrequentie (TOFanisol) van 0.15 s
-1 (zie Figuur 1). Om de invloed van de verschillende 
methoden om actieve Mo sites te maken te bestuderen, werd een postsynthese bewerking, 
geïnspireerd door het carburisatieproces, aangebracht op de Mo oxide katalysatoren. De 
gesynthetiseerde oxide katalysatoren werden bewerkt met een H2/CH4 (80/20%; v/v) gasstroom bij 
550 en 700°C. Het doel van deze postsynthese behandeling was de concentratie van centra (Mo5+ 
species), die een hoger activiteit vertonen dan diegene gevormd bij de reductie met zuiver 
waterstofgas, te laten toenemen. D.m.v. CO chemisorptie, XPS en kinetische metingen werd 




wel toe leidt dat de stabiliteit van de katalysator en de TOF, waarschijnlijk ten gevolge van de 
hogere hoeveelheid Mo5+ species, toenemen. De postsynthese bewerking rijkt de vorming van de 
actieve gereduceerde vorm van Mo (Mo5+) in Mo katalysatoren aan, wat leidt tot een verhoging 
van de HDO activeit. 
Bij de HDO van anisol werd voornamelijk selectiviteit naar hydrodeoxygenering en 
methyltransfer reacties, eerder dan naar hydrogenering, waargenomen, zie Figuur 1. Onafhankelijk 
van de Mo lading en nabehandeling werden interessante verschillen in activiteit waargenomen. Uit 
de opgemeten data kan opgemaakt worden dat de omzetting van anisol, in het onderzochte bereik 
van HDO instelwaarden, over Mo katalysatoren door het complexe reactienetwerk in Figuur 2 
verloopt. 
 
Figuur 1: TOFanisol en productselectiviteiten voor de hydrodeoxygenering van anisol over 
zirkonium gedragen MoO3 katalysatoren. De grootte van de productmoleculen verwijst 


















Figuur 2: Voorgesteld reactienetwerk voor de HDO van anisol over Mo en (Co)Mo 
katalysatoren 
Om de reikwijdte van de onderzochte katalytische materialen te onderzoeken werd de rol 
van het dragermateriaal en de incorporatie van een ander metaal (Co) in de Mo katalysator 
vastgesteld m.b.v. anisol als modelcomponent. Een Mo lading van 10 wt% werd voorgesteld 
gebaseerd op de verschillen in activiteit als functie van de MoO3 lading in Hoofdstuk 3, met 
variërende Co/Mo verhouding tussen 0-1. Aluminium gedragen katalysatoren vertonen een hogere 
initiële activiteit (Xanisol ≈ 97%) t.o.v. titanium en zirkonium gedragen varianten (Xanisol < 40%) bij 
dezelfde condities. Toevoegen van kobalt verhoogt de totale HDO selectiviteit met 45% in 
vergelijking met Mo katalysatoren. Titanium gedragen katalysatoren vertoonden een meer 
uitgesproken stabiliteit t.o.v. zirkonium en aluminium gedragen katalysatoren gedurende een 
tijdspanne van 50u gebruikstijd (time on stream, TOS), terwijl zirkonium katalysatoren de hoogste 
HDO selectiviteit (tot 86%) vertoonden, zie Figuur 3. Karakterisatiestudies van verse en gebruikte 
katalysatoren tonen aan dat Mo5+ de voornaamste actieve fase is, terwijl overreductie tot lagere Mo 
toestanden (Mo4+ en Mo3+) en koolstofafzetting de grootste reden voor afname in de activiteit van 
de katalysator zijn bij hogere TOS. Dit versterkt de conclusie omtrent de rol van Mo5+ als 
voornaamste actieve species zoals hierboven aangegeven voor zuivere Mo katalysatoren in de 





Figuur 3: Selectiviteit van gehydrodeoxygeneerde producten voor de hydrodeoxygenering 
van anisol over gedragen (Co)Mo katalysatoren 
Incorporatie van Co in het Mo katalytisch systeem had een selectieve invloed op de kinetiek 
van de reeds beschouwde stappen en leidde tot een verhoogde totale selectiviteit van HDO 
producten (BTX-benzeen, tolueen, en xylenen) eerder dan nieuwe reactiepaden dan diegene in 
Figuur 2 bloot te leggen. De intrinsieke kinetiek metingen die werden uitgevoerd met anisol als 
modelcomponent voor bio-olie verstrekten duidelijk inzicht in het reactiemechanisme, 
productselectiviteiten en de aard van de actieve centra op gedragen mono- (Mo) en bimetallische 
(CoMo) oxiden in hun gereduceerde doch niet-gesulfideerde vorm. 
In een poging enkele initiële inzichten te verkrijgen in het experimenteren met verschillende 
modelcomponenten voor bio-olie werd het HDO gedrag van verschillende zuurstofverbindingen 
zoals alcoholen, aldehyden en carboxylzuren over een NiMo katalysator getest, als aanvulling op 
het werk over de CoMo katalysator in Hoofdstuk 4. Daarenboven werd de informatie verkregen 
voor individuele bio-olie modelcomponenten geëxtrapoleerd naar meer complexe, realistische 
voedingen via een experimenteel onderzoek van de HDO van mengsels van componenten met 
verschillende zuurstoffuncties en ketenlengtes zoals alcoholen (hexanol, heptanol), aldehydes 
(hexanal, heptanal) en carboxylzuren (azijn-, hexaan- en heptaanzuur). Binaire mengsels met een 
aromatische modelcomponent en een aldehyde en/of carboxylzuur en ternaire mengsels bestaand 
uit een modelcomponent uit de klasse van zowel aromaten, aldehyden als carboxylzuuren werden 
daartoe gemaakt. Deze mengsels hebben de typische samenstelling van de verschillende groepen 
































vast te stellen van componenten met zowel de lignine als de suikerfractie van de bio-olie vast te 
stellen. 
In het algemeen had de NiMo katalysator een hogere activiteit in vergelijking met de CoMo 
katalysator tijdens de HDO van bio-olie modelcomponenten of mengsels daarvan bij temperaturen 
tussen 100 en 350°C. Aldehydes (hexanal en heptanal) vertoonden een hogere reactiviteit in 
vergelijkingen met de andere zuurstoffuncties, zoals aromaten (anisol, phenol), carboxylzuur 
(azijn-, hexaan- en heptaanzuur) en alcoholen (heptanol), die getest werden. De 
hydrogeneringsactiviteit van aromaten (anisol, phenol) was in lijn met de reactiviteit van 
carboxylzuren. De aanwezigheid van heptaanzuur in voedingen met zowel anisol als heptanal, 
onderdrukte de conversie van heptanal en anisol en schoof die vervolgens op naar hogere 
temperaturen. Dit werd toegewezen aan de competitieve adsorptie tussen het zuur enerzijds en het 
aldehyde en de aromatische zuurstofverbindingen anderzijds. Deze conversievermindering van 
anisol was veel meer uitgesproken wanneer heptaanzuur gebruikt werd dan wanneer azijnzuur 
gebruikt werd. 
De resultaten uit dit proefschrift tonen aan dat Mo5+ species de grootste bijdrage leveren tot 
de activiteit van Mo katalysatoren tijdens de HDO van bio-olie. Wanneer anisol als 
modelcomponent gebruikt werd was een Mo belading van 10-12 wt% optimaal in termen van 
katalytische activiteit. Toevoegen van Co aan Mo katalysatoren verhoogde de HDO-selectiviteit 
tot 45%. Met een zirkonium drager kon de selectiviteit van het gehydrodeoxygeneerde product 
verder verhoogd worden tot 86%, terwijl een titanium drager resulteerde in een stabielere 
katalysator tijdens de HDO van anisol. Mo en (Co)Mo katalysatoren vertoonden een interessante 
selectiviteit naar hydrodeoxygenering en transalkylering, eerder dan naar het hydrogeneren van de 
aromatische ring, tijdens de HDO van anisol. De NiMo-katalysator heeft een hogere algehele 
activiteit tijdens anisol HDO vergeleken met de CoMo-katalysator. Het begunstigt hydrogenering 
of de aromatische ring ten opzichte van deoxygenatie in tegenstelling tot de CoMo-katalysator, 
waarbij deoxygenatie meer de voorkeur heeft. Op vlak van HDO reactiviteit doen aldehyden 
(hexanal, heptanal) het beter dan carboxylzuren en alcoholen. Carboxylzuren onderdrukken de 
conversie van aldehyden en aromaten in mengsels van bio-olie modelcomponenten. Het totaalbeeld 
geschetst door deze thesis is een experimentele studie van de katalytische HDO op reduceerbare 




door gebruik van verschillende modelcomponenten voor de conversie van van biomassa afgeleide 













This chapter provides an overview of the available literature on lignocellulosic biomass 
valorization and more specifically on bio-oil upgrading via catalytic hydrotreatment. General 
considerations relevant for biomass valorization including lignocellulosic biomass composition 
and conversion methods are discussed. The major aspects of bio-oil catalytic hydrotreatment such 
as process conditions, model compounds and catalyst materials are highlighted. 
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1.1 Biomass valorization 
A substantial focus of current research in chemistry, engineering, agriculture, and 
environmental policy is the development of clean technologies that utilize a sustainably produced 
feedstock to the largest extent possible. This research is especially relevant for the transportation 
fuel sector, which strongly depends on petroleum, a non-renewable fossil source of carbon [1]. 
However, as the worldwide petroleum supplies are diminishing, they steadily become more 
expensive and, accordingly, less attractive as a carbon source. Furthermore, the combustion of 
fossil fuels or their derivatives for the production of heat and power results in a net increase in 
greenhouse gas levels worldwide [2]. In contrast to the present situation in which a single source 
(i.e., petroleum) meets the (near) entirety of demand, a more flexible energy supply chain drawing 
from multiple sources would be an attractive long-term solution. Vehicles powered by electricity, 
solar energy, hydrogen fuel cells, and biofuels are all being actively investigated to reduce our 
dependence on petroleum as a source of energy. Nevertheless, these new technologies require time 
to become economically and technically viable. The situation is further exacerbated by the lack of 
an infrastructure to support cutting-edge technologies such as hydrogen fuel cells, and change will 
thus come slowly to a market currently governed by preferences and habits that are based on 
widespread availability of liquid hydrocarbon fuels. In this respect, liquid biofuels derived from 
renewable plant mass, are unique in their similarity to the currently preferred fuel sources. As such, 
biofuels implementation does not require extensive changes to the transportation infrastructure and 
the internal combustion engine. Thus, the use of biomass as a renewable source of carbon for the 
production of transportation fuels is a promising alternative that is realizable on short time scales 
[3]. 
Presently in the petrochemical industry, crude oil is fractionated and refined to produce 
various grades of liquid transportation fuel, and hydrocarbon feedstocks are functionalized to 
produce intermediates and specialty chemicals [4]. The analogous concept of bio-refining would 
be similar in scope, the key difference being that biomass, rather than petroleum, would be utilized 
as a renewable source of carbon that can be transformed into fuels and valuable chemicals within 
a single facility [5]. 
1.1.1 Biomass to Fuels 
The first generation of biofuels are produced from food-based biomass through 
fermentation of the abstracted sugars and starch [6]. The primary sources for bio-ethanol are corn, 
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sugarcane, beet, etc., while vegetable oils from rapeseed, sunflower, etc. serve the production of 
biodiesel [6]. These first generation biofuels are characterized by their ability to be blended with 
petroleum-based fuels. Their main drawbacks are situated in the competition with the food 
production and the overall low energy efficiency. Nevertheless, bio-ethanol and biodiesel are 
commercially exploited [7]. Currently, the three major producers are the United States of America, 
Brazil and the European Union [7]. Due to the food-versus-fuel debate, biofuels derived from 
inedible cellulosic plant matter can offer potential to provide novel biofuels. Lignocellulosic 
biomass sources, often termed as second-generation feedstock, are cheap and abundant non-food 
materials such as woody residues (wood chips) and agricultural residues (e.g. straws, bagasse and 
stover) [6]. Plant biomass can simply be burnt to produce heat and electricity. Further, there is a 
great potential in the use of plant biomass to produce liquid biofuels. The production of these so-
called second generation biofuels is non-commercial at this time, although pilot and demonstration 
facilities are being developed [5]. Though a complex technology is involved in using the 
lignocellulosic materials as a feedstock, the feed is mostly obtained as a byproduct of various 
processes in the agriculture. This makes lignocellulosic an attractive feedstock. 
Without competition to land and water, marine biomass (algae, seagrasses), is a promising 
third generation feedstock to biofuel production. One of the other benefits of microalgae cultivation 
is the lower water demand than land crops. On the other hand, the low biomass concentration, the 
higher capital cost and the rather intensive care, impedes the commercial implementation of 
biofuels from microalgae [8]. In this respect, second generation biofuels are still extensively 
investigated as a potential source for energy production.  
1.1.2 Lignocellulosic biomass to bio-oil 
Lignocellulosic biomass is the most abundant class of biomass. In general, most energy 
crops and waste biomass considered for energy production are lignocellulosic feedstocks, with 
examples including, switchgrass, miscanthus, agricultural residues, municipal wastes, and waste 
from wood processing. Lignocellulose comprises three different fractions: lignin, hemicellulose, 
and cellulose, see Figure 1-1. 




Figure 1-1: Lignocellulose composition: lignin, hemicellulose and cellulose [3]. 
Several methods have been explored for the conversion of lignocellulosic biomass into fuels 
and chemicals, as shown in Figure 1-2. The first route is the gasification of biomass, involving the 
oxidation of biomass at high temperatures (800-1200 °C) to produce syngas (CO+H2). Syngas is 
used for production of chemicals and fuels, and many commercial routes exist for utilization of 
syngas such as the production of H2 by the water gas shift reaction, that of diesel fuel by 
Fischer-Tropsch process, methanol by methanol synthesis, and methanol-derived fuels [2]. Another 
route is the liquid-phase hydrolysis of biomass to form monomeric molecules from the cellulose 
and hemicellulose fraction in biomass. The lignin-component precipitates from the biomass. The 
monomers hence produced, can be chemically upgraded either to platform molecules or by bio-
catalytic conversion to second-generation bioethanol [2, 9]. The third promising route is the 
pyrolysis of biomass, where the biomass is thermochemically decomposed in the absence of 
oxygen to form a liquid bio-oil. The liquid yields can be as high as 65% [10]. Pyrolysis along with 
subsequent upgrading is considered to be the most cost effective alternative and provides utility in 
ability to easily transport the liquid product [2, 11]. It also utilizes all three components of biomass; 











Figure 1-2: Potential routes for the conversion of biomass into fuels and chemicals [2]. 
Pyrolysis has received considerable attention as an inexpensive processing option that 
allows for the total utilization of lignocellulosic biomass, and can also be used for processing lignin 
after extraction of carbohydrates from lignocellulosic biomass. Pyrolysis takes place through 
thermal, anaerobic decomposition of biomass (at temperatures in the range from 400 to 650 °C) 
[13]. At these elevated temperatures, vapor phase products react and subsequently condense upon 
cooling to produce a liquid mixture of more than 350 compounds such as acids, aldehydes, 
alcohols, sugars, esters, ketones, and aromatics, which are collectively referred to as “bio-oil” [14]. 
Typically, short residence times (< 2 seconds) are necessary for the production of liquid bio-oils, 
hence the name fast pyrolysis [15]. Bio-oil is not particularly well suited for direct use as a fuel 
and must be upgraded before it can be used in internal combustion engines. The main limitations 
to direct bio-oil utilization are the high acidity and oxygenate content of the bio-oil, leading to a 
low energy density and corrosive properties that are detrimental to the equipment when employed 
as such in existing engines without any modification [2]. Bio-oil and heavy fuel oil properties are 
compared in Table 1-1. The low heating value of bio-oil results from its high water content 
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Table 1-1: Typical properties of bio-oil and heavy fuel oil [16]. 
Physicochemical Properties Bio-Oil Heavy Fuel Oil 
Water content (wt%) 12–30 0.10 
Carbon (wt%) 41.70–69.50 85.60–86.68 
Hydrogen (wt%) 5.70–9.40 10.30–12.04 
Oxygen (wt%) 19.40–50.30 0.60–0.65 
Nitrogen (wt%) 0–9.80 0.60 
Sulfur (wt%) 0–0.77 2.50 
Ash (wt%) <0.25 0.04 
pH 2.26–4.30 - 
Viscosity (Pa s) 11.10–62.20@25 °C 0.23@30 °C 
Density (g ml-1) 0.98–1.19 0.94 
Higher heating value (HHV, MJ kg-1) 17.40–32.46 44.17 
1.1.3 Bio-oil upgrading 
The deleterious properties of fast pyrolysis oils such as high viscosity, thermal instability 
and corrosiveness present many obstacles to the substitution of fossil derived fuels by such bio-oils. 
Therefore, an upgrading process involving the reduction of the oxygen content is required before 
its application. Several bio-oil upgrading techniques exist, and are extensively discussed in 
literature. Bio-oil can be upgraded to transportation fuels by primarily three different routes which 
have gained attention; namely, hydrodeoxygenation (HDO), zeolite upgrading and emulsification 
with diesel [17]. Some other upgrading techniques include gasification of bio-oil to H2 or syn-gas 
for further applications, esterification to enhance stability and reduce acidity and aqueous phase 
reforming [2]. Zeolite upgrading forms a number of products including hydrocarbons (aliphatic 
and aromatic), water-soluble organics, organic soluble organics, water and gases (CO, CO2). 
However, the poor hydrocarbon yields and high coking (30-40wt% of bio-oil) limits the use of 
zeolites [17]. Bio-oil emulsions with diesel have good ignition characteristics but have higher cost 
due to surfactants and energy apart from having higher corrosion and lower cetane number [18]. 
HDO increases the energy density and stability of bio-oil along with a reduction in viscosity, by 
forming stabilized deoxygenated products. Thus, in a refining step subsequent to pyrolysis, bio-oil 
may be subjected to HDO for (partial) oxygen removal and liquid product stabilization [17]. 
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Hydrotreating is a key reaction in petrochemical refining involving HydroDeSulfurization 
(HDS), HydroDeNitrogenation (HDN) and HDO to remove sulfur, nitrogen and oxygen, 
respectively from petrochemical feed stocks [19]. In petrochemical literature, less attention has 
been devoted to HDO due to the low oxygen content in conventional petrochemical feeds 
(<0.3wt%) [20]. Due to the high oxygen content in bio-oil (20-50wt%), HDO has received closer 
attention in the context of bio-oil upgrading in recent decades. 
1.1.4 Catalytic hydrodeoxygenation 
Catalytic hydrodeoxygenation (HDO), one of the efficient bio-oil upgrading techniques, 
can remove oxygen in the oil as H2O, CO and/or CO2, thus improving the quality and stability to 
an adequate standard of bio-oil for use as a transportation fuel [21]. During the bio-oil catalytic 
upgrading process, various reactions including cracking/hydrocracking, decarbonylation, 
decarboxylation, hydrodeoxygenation, hydrogenolysis, hydrogenation, and polymerization 
reactions occur as also shown in Figure 1-3 [22].  
 
Figure 1-3: Examples of reactions associated with catalytic bio-oil upgrading [23]. 
 Pyrolysis bio-oil is a complex mixture of oxygenates with more than 300 different 
compounds identified [17]. According to the work by Bridgwater [24], bio-oils produced from 
many pyrolysis included mostly water (20-30wt%), lignin fragments (15-30wt%), aldehydes 
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(1-4wt%), alcohols (2-5wt%) and ketones (1-5wt%). Due to the reactivity differences in 
multifunctional groups of bio-oils, a wide range of operation temperature between 300 °C and 
450 °C is usually chosen for HDO of bio-oils.  
Typically, HDO is carried out in two stages as a result of the different reactivity of the 
molecules and groups present in pyrolysis oil [25, 26]. The first stage is the so-called stabilization 
stage and is performed below 300 °C. This mild hydrotreating step converts reactive oxygen 
containing groups (e.g., acids) into less reactive ones (e.g., alcohols). Therefore, mild hydrotreating 
will not always result in a decrease in oxygen content, but rather increase the stability of the oil 
[26]. Due to a more complex bound or sterically hindered oxygen, phenols and furans have lower 
HDO reactivity. Therefore, the second stage is performed around 350 °C or higher, to reduce the 
oxygen content even more [22]. The first stage produces a partially deoxygenated, stabilized bio-
oil, which can already be used for heat and electricity generation or stored before further upgrading. 
First stage hydrotreating significantly improves the heating value of the bio-oil as the most reactive 
oxygen species are removed and the carbon to oxygen ratio is increased. The second stage is applied 
to generate fully or deeply deoxygenated oils that more strongly resemble fossil fuels [27]. The 
benefit of the second stage comes at the expense of significant amounts of energy and hydrogen. 
One of the main challenges in this respect is to minimize the overall hydrogen consumption while 
yielding fuels with high heating value.   
1.2 Bio-oil model compound HDO 
The elementary steps involved in bio-oil HDO remain to be resolved due to the complex 
nature of the oil resulting in numerous simultaneous reactions in the upgrading process. Therefore, 
rather than employing bio-oil at lab-scale, the main strategy is to use model compounds to obtain 
sufficient information to understand HDO reaction networks and mechanisms [20, 28]. 
Furthermore, these studies are especially useful in comparing catalyst performances. These model 
compounds contain bonds and functional groups that resemble those found in lignin. Often only 
one type of functional group is contained in a representative compound, reducing the analysis of 
the reaction paths and product analysis. The goal of a model compound study is to better understand 
the HDO reaction chemistry and mechanism to get a better knowledge in controlling the selectivity 
towards the desired products. Moreover, this knowledge can be extrapolated to the upgrading of 
real bio-oils to the desired fuels and chemicals [29]. Model compound reactions are also necessary 
for identifying the dominant reactions in complex processes and determining synergy or interaction 
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among reactants and products. They can also be used for determining suitable operating conditions 
that can enhance or suppress particular reactions [30]. 
 For the elimination of oxygen, several chemical bonds have to be broken. Phenolic 
aromatics are one of the most commonly investigated model compounds, due to their relatively 
high amount in pyrolysis oil (25wt%) and their low HDO reactivity [22]. Table 1-2 shows the 
corresponding bond dissociation energies. Due to the higher bond strength of an oxygen attached 
to the aromatic ring compared to that of an oxygen attached to an aliphatic carbon, the elimination 
of oxygen from phenolics will be more difficult. Among the most frequently used molecules to 
represent the lignin-derived fraction of bio-oil are phenol and its substitutes, anisole and guaiacol 
[25, 31-34]. Another important part of compounds present in bio-oil originates from the ‘sugar’ 
fraction of the bio-mass. It is often stated that these compounds are more reactive towards HDO. It 
is important to study these compounds, as they are the ones responsible for properties (e.g., 
corrosivity) which make the bio-oil liquid hard to store and handle. Within the sugar-derived bio-
oil fraction, aldehydes and carboxylic acids are one of the most abundant and reactive oxygenates 
groups [35-37]. 
Table 1-2: Bond Dissociation Energies [22] 





1.2.1 Aromatic oxygenates 
1.2.1.1 Phenol and its derivates 
Due to the simple structure of phenol, it has been widely used as a model compound in 
bio-oil hydrodeoxygenation to investigate the reaction selectivity of different catalysts at various 
operating conditions. The hydroxyl function (–OH) is the only oxygen-containing group in phenol. 
Therefore, breaking the Caromatic–OH bond is the main objective of phenol deoxygenation. Indeed, 
due to the high dissociation energy of the Caromatic–OH bond (468 kJ mol
-1) [12, 22] the removal of 
the oxygen atom of hydroxyl group is very difficult and needs to be conducted at severe operating 
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conditions [38]. Catalytic HDO of phenol generally occurs in two parallel reaction pathways 
(Figure 1-4). The first path is direct deoxygenation (DDO) or direct hydrogenolysis and contains 
the cleavage of Caromatic–OH bond to produce benzene as an aromatic product. The second path 
entails the hydrogenation of aromatic ring (HYD) which leads to formation of cyclohexanol as an 
intermediate, followed by a rapid dehydration and further hydrogenation to form cyclohexene and 
cyclohexane, respectively. 
  
Figure 1-4: General reaction scheme for HDO of phenol [39]. 
Substituent effects (on the phenol aromatic ring) on the hydrodeoxygenation rate have 
already been investigated by different researchers [34, 40]. Massoth et al. investigated the 
hydrodeoxygenation mechanism of methyl-substituted phenols in a flow microreactor at 300 °C 
and 2.85 MPa hydrogen pressure on a sulfided CoMo/γ-Al2O3 catalyst [34]. It appeared that the 
substitution in the ortho-position slightly lowered the conversion, especially in the case of a methyl 
group. From the experimentation, it was found that the direct hydrogenolysis pathway was favored 
independently of the methyl-group position.  
Odebunmi and Ollis investigated the hydrodeoxygenation of cresols, i.e., methyl-phenols, 
on fresh and aged sulfided CoMo/γ-Al2O3 in a continuous microreactor operating at a hydrogen 
pressure between 3.4 and 12 MPa [41]. The experiments were performed in a low and high 
temperature range on different catalysts. In the low temperature range, i.e., from 225 to 275 °C, a 
fresh catalyst was employed and the HDO mechanism of cresol was found to proceed by direct 
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catalysts, which were investigated in the high temperature range from 350 to 400 °C, the 
consecutive hydrogenation of toluene occurs instantaneously leading to methylcyclohexane 
formation. The HDO reactivity order of the cresol isomers is found to be meta>para>ortho, which 
is consistent with what other authors have reported [42, 43]. 
1.2.1.2 Anisole 
Anisole has a methoxy group attached to the aromatic ring, instead of the hydroxyl group 
in phenol. This methoxy group leads to a Caromatic-O-Caliphatic moiety, which is prevalent in lignin. 
The Caromatic-O bond is about 45 kJ mol
-1 weaker compared to the one in phenol. The Caliphatic-O is 
even weaker than the Caromatic-O one [23], see Table 1-2. Due to this methyl group, more reaction 
products are possible, complicating the reaction network. 
  
Figure 1-5: Simplified reaction network for the HDO of anisole on CoMo catalysts [44]. The 
dashed arrows represent hydrodeoxygenation, hydrogenolysis or hydrogenation reactions, 
while the solid arrows represent the methyl group transfer reactions. 
Viljava et al. [44] investigated the HDO of anisole first in a batch reactor on a sulfided 
CoMo catalyst. Later, research was performed in a plug flow reactor using sulfided and non-
sulfided CoMo/γ-Al2O3. The simplified reaction network based on the experimentally identified 
reaction products is shown in Figure 1-5. At 225 °C, benzene was the only oxygen-free product of 
anisole on a presulphided CoMo/γ-Al2O3 catalyst. Aromatic HDO products, benzene and toluene, 
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were formed at 250 °C. Hydrogenated HDO products, cyclohexane and cyclohexene, were only 
detected at 300 °C. Conversion of anisole to ring-methylated products was noticeable, being about 
37 and 24% at 250 and 300 °C, respectively. Toluene probably formed via the direct 
hydrogenolysis route of HDO from ortho-cresol. Ring-methylation was more pronounced in the 
flow reactor than in a batch system at 7MPa, in which only ortho-cresol was formed as a product 
of ring-methylation. In the flow reactor, ortho-cresol and 2,6-xylenol were formed as the major 
products and ortho-methylanisole and toluene as the minor products. For demethylation, 
sulphidation of the catalyst was not required and the reaction proceeded quite effectively on the 
acidic sites of the γ-Al2O3 support. Sulphidation of the catalyst, however, increased the conversion 
of demethylation due to formation of sulfhydryl groups on the catalyst. 
Figure 1-6 represents the reaction network for the conversion of anisole on a Pt/Al2O3 
catalyst at 300 °C corresponding to the results of Runnebaum et al. [45]. The first pathway is the 
complete saturation of anisole into methoxycyclohexane. The second pathway is the direct 
hydrodeoxygenation leading to benzene and methanol. An alternative way to form benzene is the 
cleavage of the C6H5O-CH3 bond and form phenol and methane (demethylation). The phenol can 
further undergo reactions that were discussed before or react with anisole to form more substituted 
aromatics. Another anisole conversion path is the methyl group transfer reactions with cresol 
formation. Subsequent deoxygenation of cresol results in toluene. 




Figure 1-6: Reaction network for the conversion of anisole catalyzed by Pt/Al2O3 at 300 °C. 
Hydrodeoxygenation, hydrogenolysis, and hydrogenation reactions are represented by 
dashed arrows, and methyl group transfer reactions are represented by solid arrows [45]. 
1.2.2 Aldehydes and alcohols 
HDO of aldehydes can theoretically proceed via four major routes [46, 47] as indicated in 
Figure 1-7, i.e.,  
1) Direct hydrogenolysis of C=O bond with formation of alkanes. 
2) Hydrogenation of C=O bond to form alcohols, further hydrogenolysis of C-O bond to produce 
alkanes.  
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3) Hydrogenation of C=O bond to form alcohols, further dehydration to produce olefins and 
subsequent C=C bond re-hydrogenation to form corresponding alkanes. 
4) Decarbonylation of C=O to form CO and alkane with one less carbon. 
 
 
Figure 1-7: Main reaction pathways of HDO of aldehydes and alcohols, R stands for alkyl 
groups [27]. 
HDO of C3 alcohols (1- and 2-propanol, 1,2- and 1,3-propanediol, and glycerol) over 
Pt/Al2O3 was investigated at 200 °C and 4MPa in a batch reactor [48]. Dehydrogenation of 
1-propanol to propanol was the first step, followed by decarbonylation or disproportionation 
reactions. The former one produces ethane, while the latter one gives propionic acid, which 
undergoes decarboxylation to ethane. In case of 2-propanol and 1,2-propanediol, dehydrogenation 
on Pt produces acetone and acetol, respectively. In case of 1,3-propanediol and glycerol, 
dehydration on Al2O3 followed by hydrogenation on Pt is the main elementary reaction pathways 












Figure 1-8: Reaction pathways of HDO of C3 alcohols, R stands for H or OH [27]. 
1.2.3 Carboxylic acids 
The acidity of bio-oils is typically pronounced, i.e., with pH values as low as 2-3 due to the 
presence of carboxylic acids, rendering bio-oils very corrosive and even worse at elevated 
temperatures [18].  According to the literature [27, 49, 50], HDO of carboxylic acids generally 
proceeds via three routes, see Figure 1-9. 
1) Ketonization by C-O bond cleavage to generate ketones and further by hydrogenation to produce 
alcohols. 
2) Hydrogenolysis by C-O bond cleavage to produce the corresponding aldehyde, followed by 
further hydrogenation to alcohols. Subsequently then dehydration and hydrogenation occur 
yielding an alkane, or the alcohols reacts with carboxylic acids to form esters. 
3) Decomposition (decarboxylation and decarbonylation) of carboxylic acids by breaking C-C 
bond to produce alkanes with one carbon atom less, CO, and CO2. CO can be further hydrogenated 
to methane. 




Figure 1-9: Main reaction pathways of HDO of carboxylic acids, R stands for alkyl groups 
[27]. 
HDO of acetic acid over Pt supported on transition metal oxides was investigated in a fixed 
bed reactor at 300 °C and 4 MPa [27]. Ethane production by hydrogenolysis of C-O bond and 
subsequent hydrogenation of C=O bond (route 2) is the highest over Pt/TiO2 due to moderate 
acidity and proper metal-oxygen bond strength in oxide support. Moreover, traces of CO, ethanol, 
acetone, and ethyl acetate are observed. However, these compounds are formed in more significant 
amounts over Pt/CeO2 and Pt/ZrO2 catalysts at the expense of acetaldehyde and ethane. Thus, route 
2 and decarboxylation are the major reactions over Pt/TiO2, while routes 1, 3 occur on the other 
two catalysts.  
HDO of oleic acid (C17H33COOH) over Mo2N, WN and VN supported on Al2O3 was 
investigated at 380-410 °C and 7.15 MPa H2 [51]. n-C18H38 is the major product over Mo2N by 
route 2, while n-C17H36 and n-C18H38 are the major products over the WN and VN catalysts, 
indicating the latter two catalysts favor decarboxylation and decarbonylation reactions. 
Despite opening up possibilities for fundamental research, the use of model compounds as 
a proxy for more complex, realistic mixtures presents a “gap” between the laboratory and the 
industrial scale. Firstly, when simplifying the complex mixtures representation to the model 
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(inhibition or synergy), competitive adsorption or solvent effects, etc. is unavoidably lost. This 
should be taken into account and adequately addressed during the transition from individual model 
compounds to complex feed mixtures, potentially via a limited experimentation with synthetic 
model compound mixtures. Apart from the evident differences in the complexity related to the feed 
composition, the use of model compounds can result in the discrepancies in the operating 
conditions used at laboratory as compared to the industrial scale. Apart from temperature and total 
pressure, these discrepancies can also be related to phase, i.e., gas versus liquid. Industrially, 
hydrotreating reactions are typically performed in multiphase reactors, where the catalyst 
represents the solid phase, and hydrogen, together with some lighter mixture components are in 
gas phase, while the remaining compounds are liquid. In consideration to these aspects, in the 
present work, bio-oil model compounds (individually and in mixtures) are tested at both gas as 
well as liquid phase conditions. 
1.3 Catalysts 
A great deal of catalysts differing in active phases and supports have been investigated in 
HDO of bio-oils and their oxygen-containing model compounds. The rational and effective design 
of HDO catalysts necessitates a fundamental understanding of the reaction mechanism, kinetics 
and site requirements. The bio-oil hydrotreatment efficiency and, hence, the corresponding 
economic viability, heavily rely on the selected catalyst as a function of, among others the origin 
of the pyrolized biomass. Bio-oil HDO poses major challenges for a catalyst to be considered 
relevant. It should be highly active in deoxygenation while maintaining hydrogen consumption 
within reasonable constraints. It should be resistant to acidity and the presence of water to ensure 
stability in long-term runs [39]. There has been an extensive research focusing on finding a suitable 
catalyst that would satisfy the aforementioned criteria. All the catalysts investigated for bio-oil 
HDO can be roughly classified into 3 broad groups, i.e., sulfided CoMo and NiMo as used in crude 
oil hydrotreating (conventional catalysts), noble metal-based catalysts and alternative transition 
metal based catalysts. 
1.3.1 Conventional metal sulfided catalysts 
Metal sulfides are ubiquitous in hydroprocessing technology for HDS and HDN [12, 20]. 
In general, these catalysts are molybdenum based and promoted by either cobalt or nickel [52]. 
Due to the high presence of sulfur in petrochemical feeds, the catalysts are readily maintained in 
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their sulfided state. However, for bio-oil refining, due to the abundance of oxygen in the feed, these 
catalysts undergo oxidation and their activity decreases for hetero atom removal, unless the feed 
would be spiked with sulfur, e.g., under the form of hydrogen sulfide [12, 20]. Along with 
unnecessary use of sulfur, it leads to sulfur poisoning of the treated oil and raises additional safety 
concerns [12]. Moreover, these catalysts are active for hydrogenation reactions leading to 
saturation of C=C bonds, correspondingly higher hydrogen production and a reduced aromaticity 
of the bio-oil [12, 20]. 
1.3.2 Noble metal based catalysts 
In a pursuit to avoid sulfur, non-conventional catalysts have been evaluated. Among others, 
noble metals such as Ru, Pd, Pt, and Rh, have attracted attention as effective non-sulfide-based 
hydrotreating catalysts. Studies of supported noble metals have focused primarily on the HDO of 
model compounds [20, 53]. However, some studies have reported hydrotreating of actual bio-oil 
[54-56]. Compared to Mo-based sulfide catalysts, noble metals seem to present better performance 
regarding the hydrocarbon yield and deoxygenation level [56]. Gutierrez et al. [53] investigated 
the activity and selectivity of mono and bimetallic noble metal catalysts in the hydrodeoxygenation 
of guaiacol in a batch reactor at a temperature as low as 100 °C and 8 MPa. They found that 
bimetallic noble catalysts (RhPt and RhPd) present noticeably better results than the monometallic 
Pt and Pd counterparts while the performance of the bimetallic PtPd catalyst is worse. 
However, model compound HDO studies indicated that phenolics HDO on noble metal 
catalysts (Rh, Pt-Rh, and Pd-Rh) favors a hydrogenation−deoxygenation path, whereas the reaction 
on Mo-based sulfide catalyst (CoMoS and NiMoS) favors a direct deoxygenation pathway under 
similar conditions. The ability not to have to use sulfur on the noble metal catalysts comes at the 
expense of a higher H2 consumption as compared to the Mo-based sulfides [57]. Resasco and 
coworkers have demonstrated low product selectivity towards deoxygenated product benzene from 
anisole HDO, forming phenol with a very high selectivity with Pt and Ru catalysts [58]. Moreover, 
the availability and high cost of noble metals are the main challenges for the application of noble 
metal catalysts. Besides, noble metal catalysts show a rather low resistance towards poisoning by 
low levels of elements such as iron or sulfur in bio-oil when compared to sulfided catalysts [16]. 
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1.3.3 Alternative transition metal based catalysts 
Transition metal catalysts have been found to exhibit good bio-oil upgrading performance 
in the recent decades [23, 31, 32, 51, 59-62]. They can be used as a potential alternative for precious 
metal and sulfided catalysts due to their high activity and low cost. Transition metals concerned 
are iron, cobalt, molybdenum, nickel, copper, tungsten, vanadium and their alloys.  
Reducible metal oxides including MoO3, V2O5 and WO3 are well established to be effective 
catalysts for a number of bio-oil model compound HDO reactions. It is envisaged that, 
deoxygenation of bio-oil derived oxygenates proceeds via a reverse Mars van Krevelen mechanism 
on the reducible metal oxides mediated through an oxygen-vacancy created in the presence of a 
reducing source such as H2 [33, 63]. The efficacy of MoO3 as a selective HDO catalyst of bio-oil 
derived oxygenates was suggested by Mei et al. [64] through the results of a density functional 
theory (DFT) study on acetaldehyde deoxygenation through an oxygen vacancy mechanism on 
MoO3 (010) surface. M. Shetty et al. [33] investigated the vapor-phase HDO of m-cresol at 320 °C 
and H2 pressures ≤ 0.1 MPa, over supported MoO3 catalysts. They proposed an oxygen vacancy 
driven mechanism as shown in Figure 1-10. 




Figure 1-10: Proposed mechanism for the phenol HDO of m-cresol over supported MoO3 
catalyst [33]. 
Apart from the transition metal oxides, alternatives such as transition metal phosphides, 
nitrides and carbides have caught a great deal of attention in the past few decades in the area of 
bio-oil HDO [59, 65-67]. Similarity in catalytic activities to noble metals was observed with these 
catalysts. Typically, metal carbides, nitrides and phsophides are prepared by temperature 
programmed reduction (TPR) of metal precursor salt or oxide with a respective 
carbon/nitrogen/phosphorus source, in the presence of H2 at elevated temperatures (500-900 °C) 
[66, 68]. Typically methane or ethane is used as carbon source [68, 69], ammonia is used for 
nitrogen source [67, 69], and phosphorous acid (H3PO3) or di-ammonium hydrogen phosphate 
((NH4)2HPO4) are used as phosphorous source [70, 71]. 
1.3.3.1 Transition metal phosphides (TMP) 
Phosphides catalysts such as, Ni2P/SiO2 were compared with traditional catalysts (Ni/SiO2, 
Pd/C, ZSM-5) for direct catalytic upgrading of cedar chips pyrolysis bio-oil [61]. The results 
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indicated that the deoxygenation activity of Ni2P/SiO2 was higher than that of Ni/SiO2, Pd/C, 
ZSM-5. Zhao et al. [59] investigated the HDO activity of guaiacol over different transition metal 
phosphides supported on SiO2 in a fixed bed at 300 °C and atmospheric pressure. The activity for 
HDO of guaiacol follows the order: Ni2P>Co2P>Fe2P>WP>MoP. Lower cost than supported noble 
metal catalysts and high activity make TMPs attractive for bio-oil HDO. However, one of the 
primary challenges currently in the use of TMPs is the oxidation of phosphides by H2O produced 
by HDO. It may result in the formation of metal oxide or phosphates.  
The main active phases for TMPs during HDO are Mδ+ (M stands for a transition metal and 
δ+ for bearing a small positive charge) and Brønsted sites [72]. Mδ+ acts as Lewis acid sites and 
participates in hydrogenation, hydrogenolysis and demethylation reactions [73]. Incomplete 
reduction of phosphate species results in Brønsted sites related to oxygen vacancies (PO-H) that 
donate active hydrogen species, but they are less active as compared to metal sites [74]. The 
proposed mechanism of HDO over TMPs is shown in Figure 1-11 based on the literature and 
without considering support effects [72, 74]. Oxy-compounds and adsorbed H2 are activated on the 
Mδ+ sites, and H atoms from both Mδ+ sites and Brønsted PO-H sites react with the adsorbed oxy-
intermediate species producing deoxygenated products. 
 
Figure 1-11: Proposed HDO mechanism over TMP catalysts [72, 74], M stands for metals. 
1.3.3.2 Transition metal nitrides (TMN) 
TMNs such as Mo2N [51, 67, 75, 76], VN [51], TiN [68], and WN [51] were investigated 
for HDO. The activity of TMNs depends on the surface structure: metal oxidation state and N 
deficiency. The unsaturated metal sites and oxynitride species available from the support surface 
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or on the subsurface of nitride species are deemed responsible for the HDO activity [76]. 
Ramanathan et al. [68] investigated the benzofuran HDO with various TMNs catalysts in a 
trickle-bed reactor at 3.1 MPa and 370 °C. Among which, VN showed the best activity due to 
the optimal binding energy for HDO. The proposed mechanism of HDO over TMNs is showed 
in Figure 1-12. 
 
Figure 1-12: Proposed HDO mechanism over TMNs (M1: unsaturated metals, M2: N) [68, 
76]. 
1.3.3.3 Transition metal carbides (TMC) 
Transition metal carbides (TMCs), such as, Mo2C and WC have emerged as promising 
HDO catalysts in the recent decades [77-79]. Ren et al. have demonstrated that WC and Mo2C 
selectively cleave the C–O/C=O bonds in C3 oxygenates, such as propanol and propanal, to produce 
propylene [80, 81]. Transition metal carbide catalysts including NiMoC/SiO2 were highly active 
and stable catalysts for HDO of model bio-oil compounds including ethyl benzoate, acetone, and 
acetaldehyde. This was attributed to the acid sites on the surface of the NiMo carbide catalysts [82]. 
Phenol HDO via direct C–O hydrogenolysis was also investigated by Boullosa-Eiras et al. [62] 
over Mo2C catalysts at 350-400 °C under a H2 pressure of 2.5 MPa, achieving ∼90% selectivity to 
benzene and ∼10% selectivity to (partially) saturated products (cyclohexene + cyclohexane). Chen 
et al. [83] reported that mixtures of aromatic oxygenates comprising anisole, m-cresol, guaiacol, 
and 1,2-dimethoxybenzene can be selectively deoxygenated to form benzene and toluene with 
combined ∼90% yield over activated Mo2C catalysts at ambient pressure and 280 °C. Mortensen 
et al. [84] reported reactions of phenol/octanol mixtures in a continuous flow set-up over 
Mo2C/ZrO2 under H2 pressure of 10MPa and at temperatures of 280-380 °C. Higher conversion, 
obtained by increasing temperature, favored the formation of benzene, whereas lower conversion 
favored formation of acid-catalyzed products such as octene and octyl phenyl ether. Sullivan et al. 
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[85] used the acetone HDO to demonstrate this bi-functionality behavior of Mo2C along with the 
effect of oxygen modification on the active sites. The diversity of catalytic functions exhibited by 
molybdenum and tungsten carbides arises because of both the structure and composition of the 
material and its evolution under reactive environments. It is also reported that, oxygen-modification 
of tungsten and molybdenum carbidic formulations, of particular relevance to deoxygenation 
chemistries, leads to metallic characteristics moderation while concurrently engendering acid 
character to the catalyst [85, 86]. 
The synthesis of molybdenum carbide catalysts using temperature programmed reduction 
was developed by Boudart and coworkers [87]. In such syntheses, a Mo-oxide precursor is treated 
under continuous H2/hydrocarbon (carbon source) flow of differing compositions during varying 
temperature ramp rates up to 750 °C, which results in the synthesis of interstitial molybdenum 
carbide formulations of varying surface and bulk compositions. This treatment is denoted as 
‘carburization’ of the precursor oxide material. Djéga-Mariadassou and co-workers [88] 
demonstrated the progressive structural alteration of the oxide precursor during TPR via sequential 
synthesis, quenching, and X-ray diffraction. The crystal structure of the oxide precursor was noted 
to transform from molybdic acid to Mo4O11 to MoO2 to Mo to Mo2C, and these transformations 
were noted to involve sequential and occasionally simultaneous loss of lattice oxygen as H2O and 
lattice carburization via CH4. Both carburization and residual oxygen content describe the metal-
like behavior of transition metal carbides [86]. The oxophilic character of these carbidic materials 
engenders both bifunctionality and selectivity for hydrodeoxygenation catalysis and is likely the 
primary characteristic to correlate change in catalyst function under HDO reactive environments 
[86].  
1.3.4 Promotors 
Due to the high activity of transition metals in reactions involving hydrogen, their use as 
catalyst promotor for hydrodeoxygenation of bio-oil model compounds is widespread. Promoters 
are, among others, used to tune the catalytic activity and product selectivity, e.g., via modifications 
of the physical (i.e. surface area, pore volume and particle size) and chemical (i.e. type of active 
sites) properties of the catalyst [39]. In anisole HDO over a bimetallic NiCu catalyst, the ratio of 
aliphatic to aromatic hydrocarbons in the product stream was higher than that over a mono-Ni 
catalyst demonstrating that the bimetallic active sites in NiCu/Al2O3 were more efficient for 
aromatic ring hydrogenation compared to single Ni active sites in Ni/Al2O3 [32].  
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In guaiacol HDO, incorporation of Co into an unsupported molybdenum nitride catalyst 
(Mo2N) enhanced the selectivity towards benzene, cyclohexane and cyclohexene as deoxygenated 
products at the expense of phenol and catechol [75]. Cobalt addition into this catalyst resulted in 
formation of γ-Mo2N and Co3Mo3N active phases, which increased the deoxygenation activity. 
Higher production of oxygen-free compounds over cobalt-modified catalyst is caused by Co3Mo3N 
active sites. Incorporation of copper into nickel oxide catalysts supported on Al2O3, CeO2–ZrO2, 
and SiO2 facilitated the reduction of nickel oxide phases and increased catalytic activity due to 
decrease of coke formation rate [31, 89, 90]. 
The amount of promotor material added critically determines the ultimate catalyst 
performance. The beneficial features of promotors on catalysts’ activity and/or selectivity can turn 
into adverse effects such as activity or selectivity losses if a too high amount of promoter is added. 
For example, in HDO of phenol over Ni–Mo–B catalyst, it was revealed that the selectivity toward 
cyclohexane could be increased by the addition of Co until an optimum level due to enhancement 
of hydrogenation–dehydration [91]. By further addition of Co, selectivity toward cyclohexane 
decreased since Ni active sites are covered by excess cobalt oxide leading to suppression of 
hydrogen adsorption on the catalyst surface. 
1.3.5 Supports 
The support is a crucial catalyst design property in general and more particularly in HDO 
since it plays a key role in the product selectivities. A support allows the catalytically active phase 
to be spread over its internal surface area. It results in a higher metal dispersion, catalytic activity 
and structural stability of the catalyst material. Supports with different properties such as acidity–
basicity, pore structure and surface area may differently affect the catalyst activity, product 
selectivity and reaction pathways [39]. Investigations of the effect of catalyst support in HDO have 
been scattered over different catalysts and model compounds. The role of the support depends on 
the catalyst system (e.g., reduced transition metals or sulfides) and on the identity of oxygenates 
subject to HDO (i.e., reaction mechanism) [92]. 
Alumina, activated carbon, silica, zirconia, titania, ceria and zeolites are some examples of 
supports which have been used for the preparation of catalysts used for bio-oil HDO [16, 92, 93]. 
Alumina has been widely used as catalyst or support in catalytic reactions at the commercial scale 
[94]. Intrinsic acidity of alumina as support could lead to high catalytic activity through its role in 
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enhancing the dehydration reaction in hydrodeoxygenation process. Foster et al. [95] found that, 
m-cresol HDO more readily occurs on Pt when supported on SiO2 compared to when supported on 
Al2O3, while the product distribution is preserved. This is attributed to the weakly acidic hydroxyl 
groups on the silica surface dehydrating the unsaturated alcohol intermediates formed by 
hydrogenation of m-cresol, and the increased mobility of phenolic species on the silica surface 
relative to alumina. On the other hand, when deposited on the Al2O3 support, catalytic activity 
losses of the Pt active phase could be recovered by regeneration in H2. This treatment led to 
sintering and further loss of activity on Pt/SiO2, however. Mortensen et al. [96] attributed the 
difference in the HDO performance of Ni catalysts supported on Al2O3, CeO2, ZrO2, SiO2, 
MgAl2O4 and carbon to a combination of total acidity and metal–oxygen bond strength. de Souza 
et al. [97] demonstrated that the selectivity for phenol HDO can be controlled using supports of 
varying oxophilicity, in which, Pd supported on ZrO2 favored selectivity towards benzene, while 
those supported on SiO2 and Al2O3 exhibited higher selectivity to cyclohexanone. 
For phenol HDO, the support effect on the product selectivity was investigated using a Pd 
catalyst (1-10wt%) supported on mesoporous CeO2 and ZrO2 in a continuous fixed bed reactor at 
atmospheric pressure [98]. At 180 °C and about 80% phenol conversion, the product obtained over 
Pd/CeO2 was a mixture of cyclohexanone (≈50%), cyclohexanol (≈35%) and cyclohexane (≈15%), 
while cyclohexanone (more than 90%) was the only compound produced in significant amounts by 
phenol HDO over Pd/ZrO2. This difference in product selectivity between Pd/ZrO2 and Pd/CeO2 
has been attributed to different adsorption positions of phenol on these catalysts caused by different 
acid–base properties of their supports. TiO2, CeO2 and ZrO2 were suggested by Yakovlev et al. 
[89] as suitable supports for HDO because of possible additional activation of oxy-compounds on 
the support surface. 
1.3.6 Deactivation 
A major challenge in HDO is catalyst deactivation. Precise knowledge about deactivation 
mechanisms and the corresponding dominant parameters could help in designing an effective HDO 
process with high desired product yields. A reduced deactivation results in a longer catalyst lifetime 
and higher selectivity towards deoxygenation products [55, 99]. Catalyst stability is a key catalyst 
characteristic, which determines its applicability at commercial scale. In general, coking, sintering, 
poisoning by water, sulfur losses from the catalyst, etc. could cause a decrease in activity and, 
hence, be responsible for HDO catalyst deactivation [100, 101].  
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A 100h lifetime of Pd/C for bio-oil HDO was reported by Elliott [100]. In a 192h test of 
bio-oil HDO over CoMoS/Al2O3 reported by Bridgwater [102] substantial deterioration in activity 
could not be avoided. Among these deactivation causes, coke formation, which is a competing 
reaction with production of aromatics and alicyclics. was proven to be one of the main reasons for 
activity losses during HDO [26, 101]. Carbon is mainly formed by polymerization and 
polycondensation reactions that cover the active sites on the surface and ultimately block the 
catalyst pores. Unsaturated hydrocarbons such as alkenes and aromatics have the most potential 
for carbon formation during hydrotreating reactions. The strong interaction between C=C bonds 
and aromatic rings from oxy-compounds with active sites on the catalyst surface leads to the 
formation of carbon instead of hydrocarbon fuels [103]. Phenolic components, either present in the 
feed or produced during reaction, are observed to adsorb on the support and hinder the accessibility 
of the active sites [103]. It is generally accepted that oxy-compounds with two O atoms in the 
benzene ring have higher tendency to coke formation by polymerization reactions on the surface 
[104]. In this respect, catechol more readily leads to coking than phenol [59]. In addition, catalyst 
deactivation by coke depends on catalyst properties such as acidity. Generally, a higher acidity of 
the catalyst leads to more pronounced coke formation [16]. 
Thermal degradation through sintering or chemical transformation of active phases 
represents another cause of catalyst deactivation. Morphological and textural changes in the 
catalyst due to sintering and agglomeration result in loss of catalyst surface area through crystallite 
growth of the active phase and subsequent reduction of overall catalytic activity [105, 106]. In 
catalytic HDO of guaiacol over Pt, Pd, Rh and Ru supported on activated carbon, an increase in 
reaction temperature from 275 to 325 °C resulted in a decrease of catalyst surface area due to metal 
crystallite growth and collapse of support structure [107]. Reduction of catalyst surface area results 
in lower catalytic activity since the amount of active sites available for reactant molecules is 
reduced. In addition to sintering, chemical transformation of active phases to inactive phases could 
occur as a result of thermal catalyst degradation during HDO. For instance, in HDO of lignin-
derived oxygenates (phenol, m-cresol, anisole and guaiacol) over MoO3, an increase of the reaction 
temperature from 300 to 400 °C caused a pronounced catalyst deactivation due to the change of 
active MoO3 to inactive MoO2. At 400 °C and after 0.5h reaction time, MoO3 was completely 
converted to MoO2 [108]. However, at temperatures below 350 °C, MoO3 was changed to 
oxycarbohydride containing phases (MoOxCyHz) with minor impurity of MoO2. In fact, conversion 
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of MoO3 to MoOxCyHz, which proceeds via surface carburization in the presence of a carbon source 
such as phenolic compounds leads to stabilization of the MoO3 phase and a less pronounced MoO2 
formation [33, 108]. 
1.4 Scope and framework of the thesis 
This PhD thesis was performed within the framework of the project i-CaD (Innovative 
Catalyst Design for large-scale sustainable processes), an ERC consolidated grant, by the European 
Commission in the 7th Framework Programme. This work was also done in collaboration with 
Department of Kinetics and Catalysis, SINTEF, Norway in the framework of the EU FP7 Integrated 
Project FASTCARD, i.e., FAST industrialization by CAtalyst Research and Development. The 
thesis work related to one of the objectives of the projects, focusing on the detailed understanding 
and subsequent industrial implementation of ‘catalytic conversion of biomass to biofuels and 
chemicals through innovations in HDO catalysis’. 
The thesis presents an experimental understanding of catalytic HDO on reducible transition 
metal oxides to enable the design of efficient catalytic materials and processes with the use of 
different model compounds for conversion of biomass-derived feedstock to fuels and chemicals. 
Firstly, an experimental investigation of model compound hydrotreatment over alternative (to 
conventional) catalysts is performed with the objective to assess the effect of the catalysts’ 
properties by correlating them to their performance. Subsequently, the potential to extrapolate the 
information obtained on model compounds HDO to more complex, industrial bio-oil feedstock is 
explored. 
After describing the main employed experimental procedures in Chapter 2, Chapter 3 
discusses the activity and stability of supported Mo oxide catalysts for the hydrodeoxygenation 
(HDO) of anisole, a model bio-oil compound. One specific aspect of this chapter is situated in the 
description of the effect of the active molybdenum loading on a zirconia support on the structural 
properties and HDO reactivity trends of these materials. As a second aspect of this chapter is the 
role of the pretreatment conditions on the catalysts’ active surface composition and subsequent 
effect on catalyst stability and overall activity. 
Chapter 4 discusses the effect of the incorporation of an additional metal (Co) in the parent 
Mo oxide catalysts on their activity and stability for anisole hydrodeoxygenation (HDO). 
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Moreover, also support effects on their HDO performance have been investigated for these Co-Mo 
catalysts. Three supports exhibiting different textural and acidic properties, i.e., ZrO2, Al2O3, and 
TiO2 have been employed for this purpose.  
Chapter 5 presents a discussion on the extrapolation of the insights acquired from the model 
component investigations in Chapters 3 and 4 towards complex feeds for fast pyrolysis catalytic 
hydrotreatment. For this purpose, mixtures of compounds with varying oxygen functionalities, 
such as alcohols, aldehydes, aromatics, and carboxylic acids are considered. An experimental 
assessment of model component mixture(s) is performed using selected, non-sulfided (Ni)Mo and 
(Co)Mo catalysts at industrially relevant operating conditions. The effect of carboxylic acid 
presence in the mixtures, sheds a light upon the interactions between different compounds and their 
subseuqnt conversions during HDO reaction. In addition, a comparative look of different active 
metals’ catalytic performance is given using Ni and Co metals in combination with Mo. 
 The general conclusions of this work are finally given in Chapter 6. Further ideas and 
perspectives related to continuation of the work on catalytic HDO of bio-oil model compound(s) 
are presented.  
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2. Experimental procedures 
 
This chapter discusses the most important procedures adopted in this thesis to acquire the 
experimental data as well as the techniques used for data analysis and treatment. A detailed 
description of the various material characterization techniques including catalyst performance 
testing based on intrinsic kinetics employing a gas-phase high throughput kinetic set-up as well as 
three-phase reactor set-up is also given. 
  




2.1 Synthesis of heterogeneous catalysts 
Incipient wetness impregnation was applied for the synthesizing the catalysts investigated 
in this thesis [1]. Catalytic materials including monometallic (Mo), bimetallic (CoMo and NiMo) 
samples were prepared using aqueous solutions of the corresponding precursors, i.e., ammonium 
heptamolybdate ((NH4)6Mo7O24.4H2O, Alfa Aesar), cobalt nitrate hexahydrate (CoN2O6.6H2O), 
and nickel nitrate hexahydrate (NiN2O6.6H2O). The resulting solid material was filtered, dried at 
room temperature for 12h and at 120 °C for 24h, followed by calcination under air at 550 °C for 
6h. 
2.2 Catalyst characterization methods 
2.2.1 Inductively Coupled Plasma- Optical Emission Spectroscopy (ICP-OES) 
ICP-OES measurements were carried out to obtain a quantitative elemental analysis of each 
synthesized catalyst. This analysis was performed on an ICAP 6500, Thermo Scientific instrument 
by the Environmental Sciences Institute, UCLouvain. The samples were mineralized either by an 
alkaline fusion with Na-peroxide or by acid fusion. A peristaltic pump introduced the sample into 
a nebulizer and, subsequently, in an Ar-plasma torch at ca. 7700 °C after which ionization of the 
sample results in the emission of light with characteristic peaks. The intensity of these characteristic 
peaks are a measure for the concentration of the respective element in the sample, according to 
Lambert-Beer’s law, Eq. (2.1). 
 𝐼𝑡 = 𝐼0𝑒
−𝜇(𝐸)𝑟 ↔ ln (
𝐼𝑡
𝐼0
) = −𝜇(𝐸)𝑟 (2.1) 
Where It is the measured and I0 is the reference intensity, μ (E) is the absorption coefficient [m
-1] 
and r is the path length of light [m]. 
The plasma flame was maintained by a strong electromagnetic field within a radio 
frequency coil and continuously atomized the sample molecules, exciting the outer-shell electrons 
of the separated atoms to a higher state. When falling back to the ground state, those atoms emit 
their characteristic radiation. The latter passes through a slit onto a mirror, continuing to a grating 
which separates the radiation for the photomultipliers. The intensity of the measured emission lines 
was compared with standards, thus allowing the calculation of specific elements concentration [2]. 




2.2.2 Specific surface area and porosity 
Specific surface area and porosity measurements were carried out on the catalyst samples 
using N2-sorption technique on a Micromeritics TriStar II 3020 instrument available at the 
Laboratory for Chemical Technology, Ghent University. The Brunauer-Emmett-Teller (BET) area 
(5 p/p0 points) and Barrett-Joyner-Halenda (BJH) average pore volume and pore diameter (15 p/p0 
points), were measured in the Micromeritics Tristar-II Gemini, at the Laboratory for Chemical 
Technology, Ghent University, using nitrogen as adsorbate gas at -196 °C [3, 4]. Prior to the 
measurements the samples were outgassed at 200 °C for 2h. Brunauer et al. have developed a model 
for characterizing porous materials in general and solid catalysts in particular [3]. They proposed 
a model for multilayer physisorption, and derived the corresponding equation to describe it, 
Eq. (2.2). This allows the determination of the monolayer coverage of the adsorbate from 
















Where p and p0 are the equilibrium and saturation pressure of the adsorbate at the 
temperature of adsorption, υ is adsorbed gas quantity, υm is the monolayer adsorbed gas quantity. 
c is the BET constant. 
The BJH method assumes that the catalyst can be modeled as a collection of parallel 
cylindrical pores. The Kelvin equation (Eq. 2.3) for capillary condensation is used, assuming a 
hemispherical liquid-vapor meniscus and a well-defined surface tension. The BJH theory uses a 
reference isotherm to account for thinning of the adsorbed layer; the Kelvin equation is only applied 










Where T is the temperature of adsorption, σ is the surface tension of liquid nitrogen, V is 
the liquid molar volume of nitrogen, rk is the radius of the capillary.
 
2.2.3 Ex-situ X-Ray Diffraction (XRD) 
The crystallographic phases of the materials in the “as prepared” state, i.e., after 
impregnation without any further treatment, were determined by ex-situ powder XRD 
measurements (Siemens Diffractometer Kristalloflex D5000, Cu Kα radiation) at the Department 




of Solid-State Sciences, Ghent University. XRD is the most widely used method to identify 
crystalline phases, if any, in a material. This apparatus irradiates a monochromatic Cu Kα radiation 
of 0.154 nm on a 10-20 mg catalyst sample evenly spread out on a Si wafer. The X-ray tube voltage 
was set to 40 kV and the current to 50 mA. The XRD patterns were collected in a 2θ range from 
10° to 80° with a step of 0.02° and 30s counting time per angle. XRD patterns of known compounds 
are referenced by their corresponding number in the Powder Diffraction File (PDF) database. By 
fitting a Gaussian function to a diffraction peak, the crystallite size was determined from the peak 
width via the Scherrer equation, Eq. (2.4) [6], while the peak position gave information about the 
lattice spacing based on the Bragg law of diffraction, Eq. (2.5) [7, 8]. 
 𝑑𝑋𝑅𝐷 =
𝐾𝜆
(𝛽 − 𝑏) ∙ 𝑐𝑜𝑠𝜃
 (2.4) 
 𝑛𝜆 = 2𝑑𝑠𝑖𝑛𝜃 𝑤𝑖𝑡ℎ 𝑛 = 1,2,3, … (2.5) 
Where dXRD is the crystallite size, K is a constant (0.9), λ is the incoming X-ray wavelength in nm 
(0.154), β is the line broadening at half maximum intensity, b is in the instrumental width, θ the 
incidence angle, n is the order where diffraction occurs, d is the lattice spacing (inter-planar 
distance). The instrumental width is calculated after a calibration curve using LaB6. It is important 
to note that the Scherrer formula provides a lower bound on particle size; β is usually influenced 
by the presence of defects and imperfections in the crystal lattice [8]. 
2.2.4 Temperature Programmed Reduction/Desorption/Oxidation (TPR/D/O) 
A Micromeritics Autochem II 2920 equipment available at the Laboratory for Chemical 
Technology, Ghent University, was used for temperature programmed experiments on all catalyst 
samples. This module comprises a U-shaped reactor, a thermal conductivity detector, a cold trap, 
4 gas inlets for the preparation, carrier and loop gases and the appropriate valves to manipulate the 
various flows through the module [9]. The thermal conductivity detector (TCD) in this module 
measures the thermal conductivity difference between two gas flows, i.e., a reference carrier gas 
flow and the effluent from the U-shaped reactor. Since each gas has a specific thermal conductivity, 
differences in thermal conductivity allow the determination of the composition of simple gas 
mixtures. In order to acquire an acceptable and sufficiently large signal, a combination of loop and 
carrier gases must be used which exhibit significant thermal conductivity differences, e.g., 
hydrogen/argon or oxygen/helium. 




2.2.5 In-situ X-Ray Diffraction (XRD) 
In-situ XRD measurements were performed in a reactor inside a Bruker-AXS D8 Discover 
apparatus (Cu Kα radiation of 0.154 nm) at the Department of Solid-State Sciences at Ghent 
University. The use of in-situ XRD characterization techniques offers several advantages. The most 
important being the ability to capture crystallographic information from various phases in the 
sample during reaction. In the present study, this setup has been used to identify the phase 
transformations during temperature programmed reduction. The reactor had a Kapton foil window 
for X-ray transmission. The setup was equipped with a linear detector covering a range of 20° in 
2θ with an angular resolution of 0.1°. The pattern acquisition time was 10s. All temperatures were 
measured with a K-type thermocouple and corrected afterwards according to a calibration curve of 
the heating device, which is based on the eutectic systems Au–Si, Al–Si and Ag–Si. For each 
sample, approximately 10-20 mg of catalyst were evenly spread on a single crystal Si wafer. 
Interaction of the catalyst material with the Si wafer was never observed. Prior to each experiment 
the reactor chamber was evacuated to a base pressure of 4 Pa by a rotation pump. Gases were 
supplied to the reactor chamber with calibrated mass-flow controllers. 
2.2.6 Raman spectroscopy 
Raman spectroscopy is a scattering technique. It is based on the Raman effect, i.e., the 
frequency of a small fraction of scattered radiation is different from frequency of monochromatic 
incident radiation [10]. The laser light interacts with molecular vibrations, phonons or other 
excitations in the system, resulting in the energy of the laser photons being shifted up or down. The 
shift in energy gives information about the vibrational modes in the system. Infrared spectroscopy 
yields similar, but complementary, information. Raman analysis of the samples was performed at 
the Department of Chemistry at Ghent University, on a RXN1 Raman spectrometer (Kaiser Optical 
Systems) equipped with a 532 nm Visible (VIS) solid-state diode pumped green laser operating at 
40mW using an optical probe. Raman spectroscopy of fresh catalyst samples in powder form was 
performed at room temperature. The collection optics system was used in the backscattering 
configuration. 
2.2.7 X-ray Photoelectron Spectroscopy (XPS) 
X-ray Photoelectron Spectroscopy is a surface (<5 nm) sensitive technique that can analyze 
the elemental surface composition, XPS analysis was performed under 




ultrahigh vacuum (2x10−7 Pa) conditions using an Axis Ultra DLD XP spectrometer from Kratos 
Analytical and monochromatic Al Kα radiation (hν = 1486.6 eV) at the Department of Solid-State 
Sciences at Ghent University.  A pass energy of 160 eV with a 0.2 eV step was used for survey 
scans, and 20/40 eV with a step of 0.05 eV was used for the individual core levels. Charge 
compensation using low energy electrons was applied during acquisition. The binding energy 
scales were calibrated to the adventitious carbon of C1s component at 284.6 eV. The background 
was subtracted using a Shirley function and the spectra were fitted using a convolution of Gaussian 
and Lorentzian functions. 
2.2.8 Transmission electron microscopy (TEM) 
TEM provides topographical and morphological information of the catalyst materials. TEM 
measurements were performed using a JEOL JEM-2200FS: Cs-corrected microscope at 
Department of Electrical Energy, Metals, Mechanical Constructions and Systems at Ghent 
University, operated at 200 kV, equipped with a Schottky-type field-emission gun (FEG), EDX 
JEOL JED-2300D and JEOL in-column omega filter (EELS). Specimens were prepared by 
immersion of a lacey carbon film on copper support grid and particles sticking to the grid were 
investigated. Elemental mapping was performed by EDX. A beryllium specimen retainer was used 
to remove secondary X-ray fluorescence. 
2.3 Catalyst performance tests 
2.3.1 Intrinsic kinetics determination 
Measurement of intrinsic kinetics requires that the observed performance is free from mass 
and heat transfer effects [11]. Several numerical criteria for the assessment of the impact of these 
effects have been proposed and successfully employed in the present work [12], see below. 
Observed kinetics, i.e., Ri
obs, are considered to be intrinsic, i.e., Ri
intr, provided that the former do 







< 0.05 (2.6) 
Mass transfer at the gas-solid interphase was assessed by calculating the dimensionless Carberry 
number, Ca, [13] at the extremes of the operating conditions. With Carberry numbers well below 
the limit value of 0.05, see Table 2-1, such external mass transfer was found not to be limiting. The 
Weisz–Prater [14] criterion addresses the intra-particle diffusion for various reactants and products. 




At the employed operating conditions, the Weisz modulus was well below the limit value of 0.08, 
see Table 2-1. The absence of heat transfer was verified via the criteria reported by Mears [15]. 
Calculated temperature gradients were compared with the maximum allowed limits between the 
gas-solid interphase ΔTG–S and particle ΔTint. The most critical values of ΔTG–S and ΔTint were 
found to be at the highest operating temperature and are sufficiently lower than Mears’ criterion of 
2.2 °C, confirming the absence of heat transfer limitations. A tubular reactor is said to be operated 
in plug flow regime when the axial dispersion can be neglected [16] and uniformity in the radial 
direction is achieved [17]. It also requires a minimal pressure drop over the catalyst bed.  
Assessment of the corresponding criteria for intrinsic kinetics [12] is given in Table 2-1. This not 
only includes the absence of transport limitations on the pellet scale but also the validation of plug 
flow. It has been verified for all experiments shown in this work that these criteria are met. 
Table 2-1: Calculated vs. limit values in the criteria for intrinsic kinetics evaluation at most 
severe operating conditions used for anisole HDO in HTK-S setup (T = 360 °C, PT = 0.5 MPa, 
W/Fº = 230 kgcat s molanisole-1). 
Phenomenon Criterion Observed value 
Mass transfer 
external, Ca 4.8 x 10-4 < 0.05 
internal, Φ 3.6 x 10-2 < 0.08 
Heat transfer 
external, ΔTG–S 1.1 x 10
-2 < 2.2 °C 
internal, ΔTint 5.8 x 10
-3 < 2.2 °C 
Flow pattern ideality 
Plug flow 
radial dispersion, dt/dp 14.1 > 8 
axial dispersion, Lbed/dp 824 > 1.7 
pressure drop ratio, ΔP/PT 6.3 x 10
-2 < 0.2 
 
2.3.2 High-throughput kinetics screening set-up 
The catalytic HDO of anisole over supported Mo and CoMo catalysts as discussed in 
Chapters 3 and 4 was performed at gas phase conditions in a high-throughput kinetic screening 
(HTK-S) setup available within the Laboratory for Chemical Technology [18]. The setup is 
specifically designed for providing fast and reliable intrinsic kinetics data. An overview of the most 
relevant features of the experimental setup is given in Table 2-2. 
  




Table 2-2: The range of operating conditions of the HTK-S set-up [18] 
Feature or Operating Condition Value 
number of reactors 16 
number of heating blocks 4 
reactor type tubular 
reactor internal diameter (10-3 m) 2.1 
reactor length (m) 0.8 
feed flow rate control per reactor block 
operating temperature range (°C) 50 - 550 
operating pressure range (MPa) 0.1-10 
catalyst mass (10-3 kg) 0.05-0.2 
The main goal of the HTK-S set-up is the fast parallel testing of a large variety, c.q., number 
of catalysts. Both simple and complex product spectra can be dealt with. This HTK-S set-up 
comprises 16 parallel tubular stainless steel 316L reactors (i.d. = 2.1 mm) which are grouped per 4 
in a heating block. The flowsheet focusing on a single reactor is given in Figure 2-1. An overview 
and more detailed pictures of the entire HTK-S set-up are given in Figure 2-2. The setup can be 
subdivided into several sections: a gas and liquid feed section, a reactor section and analysis 
section. 





Figure 2-1: Schematic representation of the High-Throughput Kinetic Setup (HTK-S) 
focusing on a single reactor from one heating block containing 4 reactors. HTK-S set-up 







































































































































































































































































































































































































































































































































































































































   
   




















































   












































































































Figure 2-2: HTK-S set-up pictures: (a) front view, (b) gas (top) and liquid (bottom) feed 
section, (c) reactor heating blocks, (d) heated gas and liquid sampling section and (e) analysis 
section 
2.3.2.1 Feed section 
Two different gases are connected to the set-up for experiments with one Bronkhorst El-
Flow thermal mass flow controller for each gas per reactor block, see Figure 2-1. An inert gas, e.g. 
He (flow rate range: 1 – 50 Nl h-1), a reducing gas, e.g. H2 (flow rate range: 1 – 50 Nl h
-1). Helium 
gas as inert feed is being replaced with nitrogen in the future for the HTK-2 set-up. Vary-P 




controllers are implemented ensuring a flow rate independent of the feed bottle pressure. The liquid 
is pressurized by using a Lab Alliance 12-6 dual piston pump, see also Figure 2-1. The liquid flow 
rate per reactor block is controlled using a Coriolis Mass Flow Controller (Brankhorst), which 
measures the mass flow (1 – 40 g h-1) with high accuracy (±0.5%) independent of the liquid type 
and physical properties. This mass flow measurement does not depend on the temperature and 
pressure of the liquid. Moreover, Coriolis flow controllers do not require a re-calibration when a 
feed liquid is changed. 
2.3.2.2 Reactor section 
The reactor section consists of 4 reactor blocks, of which 2 are shown in Figure 2-2 (c). The 
four reactors contained in a reactor block share a single feed line. The feed flow through this line 
is equally distributed over all 4 reactors in the block making use of capillaries upfront of each of 
the reactors. These capillaries ensure a pressure drop (of at least 10 bars), sufficiently exceeding 
that over the catalyst bed such that the flow rate is distributed evenly. It is evident that the 
dimensioning of this capillary distribution system has to be very precise. Its dimensions for gas and 
liquid were as follows: Lcap,g= 100 cm, Lcap,l = 60 cm; i.dcap,g/l. = 75 μm. A single feed to one reactor 
block is generated via 2 gas lines and 1 liquid line. Each reactor block is heated by an electrical 
oven, see Figure 2-3 (a), which is constructed of Silicon Carbide (SiC) because of its high thermal 
conductivity. The electrical heating elements are at the outside of the SiC block in which holes 
were drilled for the reactors. In each block, two thermocouples are present: one located near the 
heating element measuring the oven temperature TO, and one in the reactor block center measuring 
the reactor temperature, i.e., TC, see Figure 2-3 (a, b). The reactor pressure is regulated by using an 
El-press pressure controller (Bronkhorst). 






Figure 2-3: Schematic representation of a reactor block of the HTK-S set-up. a) side view (1. 
insulation, 2. Electrical heating, 3. SiC, 4. reactor well, TC: central thermocouple; TO: 
thermocouple located near the heating elements), b) axial temperature profile measured in 
the absence of reaction (set point: 230 °C) and a typical reactor cross-sectional side view after 
loading the catalyst material; isothermal zone ΔT < 1 °C [18]. 
In principle, the best practice would be to measure the catalyst bed temperature directly to 
verify the actual reaction temperature. Due to the small reactor diameter, i.e., 2.1 mm, however, it 
is impossible to insert a thermocouple in the reactor to measure the temperature locally. Therefore, 
the internal reactor temperature was verified via separate, non-reactive measurements. The 
temperature in the reactor was measured in the absence of reaction, feed flow rates and a catalyst 
bed. A thermocouple was placed in the reactor from the top and a temperature was set for the oven. 
By gradually sliding the thermocouple through the reactor, a temperature profile could be obtained, 
see Figure 2-3 (b). An isothermal zone (ΔT < 1 °C) of 20 cm was determined as indicated in the 
figure. Via the use of adequate correlations [12], it was determined that even in the presence of 
highly exo- and endothermic reactions (|ΔHr| > 1000 kJ mol
-1) and at reaction rates sufficiently low 
to eliminate transport limitations at the scale of the catalyst pellet, no significant temperature 






























Easy reactor handling is ensured by the utilization of a double O-ring sealing which is able 
to maintain pressures up to 10 MPa. By virtue of these sealings, the time required to remove or 
load the reactors is significantly reduced compared to using conventional, metal connections. 
Particular attention is given to the catalyst bed loading, including inert material, to avoid 
segregation in these small diameter reactors. Catalyst and inert particles were premixed prior to 
loading into the reactor. A steep angle funnel made of a smooth material, e.g. stainless steel, is used 
to load the catalyst-inert mixture in small batches to reduce the possibility of segregation. A 
densification procedure with intense vibration and/or tapping is performed before introducing the 
reactor in the reactor oven. The catalyst particles with mesh size 100-200 µm, diluted with 
α-alumina inert of the same size, were placed in the catalyst bed between two inert α-alumina 
layers. The inert layer present on top of the catalyst bed aids the liquid feed vaporization and also 
ensures adequate mixing and development of a plug flow regime before reaching the catalyst bed. 
Filter frits are positioned at the reactor outlet to keep the bed in the desired position. The catalyst-
inert mixture can easily be removed from the reactor and can be facilitated by tapping. After each 
experiment, the reactor was treated at elevated temperature under an inert rich atmosphere to flush 
out the reactor effluent. The reactor is subsequently cleaned with ethanol or another solvent. 
2.3.2.3 Analysis section 
The reactor outlet leads to a multiport valve, vent, and gas-liquid separator through a 
T-piece junction. This multiport valve allows selecting which reactor effluent will be sent to the 
gas chromatograph (GC) for on-line analysis. Keeping the whole product spectrum in the gas phase 
is advantageous since it allows a fast and easy analysis. In the present study, the downstream of the 
reactor outlet is heated up to 150 °C and diluted with N2 to ensure that the effluent remains entirely 
in the vapor phase until it reaches the GC. The product stream is analyzed with the help of an on-
line gas injection. The on-line analysis is performed with a DHA (Detailed Hydrocarbon Analyzer) 
TraceGC1310, see Figure B-1, equipped with 2 flame ionization detectors (FIDs, front and back). 
For the present analysis, the Front FID with a Rtx-PONA column (L=100 m, i.d.=0.25 mm) was 
used. A typical chromatogram and the instrument method used for the analysis are presented in 
Figure B-2. 
2.3.3 Three-phase reactor set-up 
Catalytic HDO of various bio-oil model compound(s) over supported CoMo and NiMo 
catalysts as discussed in Chapter 5 was carried out in a three-phase reactor set-up located at the 




Department of Chemical Engineering, NTNU. Figure 2-4 presents a schematic of the reactor set-
up. A brief description of the set-up is also given hereunder. 
Feed section contains a high-pressure liquid chromatography pump (HPLC, Hewlett 
Packard HP1050) for liquid reactant feeding and two gas feed lines for feeding the 
reducing/reacting hydrogen gas as well as an inert nitrogen gas for dilution. The liquid feed 
comprised of 1.5wt% of a (each) bio-oil model compound dissolved in an inert solvent, n-decane 
(C10H22, from Merck chemicals). This weight composition is used when a model compound was 
tested individually as well as in mixtures. The liquid stream was mixed with a gas stream comprised 
of H2 and N2 (diluent) in a T-junction below the reactor. The mixture then moved co-currently up-
flow through the reactor. 
 
Figure 2-4: Schematic of the liquid phase HDO set-up. FC = Flow Controller, TC = 
Temperature Controller [19]. 
The reactor has a length of 250 mm and internal diameter of 4 mm. A schematic representation of 
the reactor is given in Figure 2-5. A selected amount (ca. 0.2g) of catalyst was placed in the middle 
of the reactor between two pillows of quartz wool. A bed of inert SiC particles was placed below 
and on-top of the catalyst bed in all runs to minimize dead-volumes, obtain efficient thermal 
control, and avoid transport of catalyst particles. A catalyst bed length of ca. 30 mm was applied 
during the catalyst testing. Aiming to minimize a pressure drop across the bed, a catalyst as well 
as inert SiC particle size fraction of 100-300 μm was selected. The reactor was heated with the help 




of a consistently wrapped heating tape around the reactor. The thermocouple for controlling the 
temperature was placed internally in contact with the catalyst bed. This enabled consistency in the 
temperature level of the testing and ensured that the reproducibility was good. 
 
Figure 2-5: Fixed bed reactor used in the activity measurement during liquid phase HDO. 
TC = Temperature Controller. 
 The reactor effluent was directed to a condenser pot where liquids and gases were separated. 
The gas stream was analyzed by an on-line gas chromatograph (Agilent Technologies 6890N) 
equipped with a thermal conductivity detector (TCD) and a flame ionization detector (FID). The 
liquid product samples were regularly collected from the condenser pot and subsequently analyzed 
by an off-line gas chromatograph (Agilent Technologies 6850N) equipped with DB-1 column and 
a FID. 
2.3.4 Data treatment 
When all of the components can be observed using a single GC column/detector combination with 
an optimized GC method, the relative composition of the effluent can be determined with the use 
of calibration factors, see Eq. (2.7). A calibration factor, or response factor as it can also be referred 
to, was determined experimentally (see Table B-1) for each chemical species detected in the GC 

































where 𝑥𝑖 is the mole fraction for component i, 𝐴𝑖 - the peak surface area obtained the from the raw 
GC data and 𝐶𝐹𝑖 - the calibration factor for component i. 
To determine the outlet flow rates of the reactor effluent components, an internal standard was 
included in the feed. In case all the components remain in the gas phase, the outlet molar flow rate 
of every component can be determined as a multiplication of the molar fraction of the components 
in the reactor effluent and its total molar flow rate. Since the outlet flow rate of the internal standard 
(𝐹𝐼𝑆
0 ) has to be equal to inlet flow rate, the total flow rate can be calculated as in Eq. (2.8). 





By introducing the molar outlet flow rate of every component, the elemental and mass balances, 









where 𝑎𝑡,𝑖- the number of t atoms in component i [-],𝐹𝑖
0- the molar inlet flow rate of component i 










where 𝑀𝑀𝑖 is the molecular mass of component i [g mol
-1]. 
The carbon balance was determined as a first means for verification of the validity of an 
experiment. To the experiments for which the carbon balance was closed within ±5%, the 
normalization method was applied, see Eq. (2.11), to calculate the outlet flow rates to be used for 
further data assessment [22]. 











0  is a total inlet molar flowrate, 𝑀𝑀𝑗  is the molecular mass of component i [g mol
-1], 𝑦𝑗
0 
– molar fraction of component j in the reactor feed, 𝑦𝑗 – molar fraction of component j in the reactor 
effluent. 









0  (2.12) 
𝐹𝑘
0 and 𝐹𝑘 represent the inlet and outlet molar flow rates of component k. The selectivity, Seli, for 
product i coming from the feed component k is calculated using Eq. (2.13) on an elemental carbon 






SHDO, YHDO are used to identify the hydrodeoxygenation performance of the investigated catalysts. 
The total amount of deoxygenated products formed on molar basis is defined as shown in Eq. (2.14) 
















Fi,HDO represents the outlet molar flow rate of hydrodeoxygenated product i and nHDO represents 
the total number of deoxygenated products, created from feed component k. Product selectivities 
and yields are calculated on a carbon number basis as all the products and unconverted reactants 
observed through GC analysis are carbon based molecules. 
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3. Effect of composition and preparation on 
supported MoO3 catalysts for anisole 
hydrodeoxygenation 
 
A series of zirconia supported molybdenum oxide materials with Mo loadings of 7, 12, and 
19wt% were synthesized using incipient wetness impregnation. The as synthesized oxide 
materials were further modified under H2/CH4 (80/20%, v/v) at 550 and 700 °C. The obtained 
catalysts were characterized by ICP-OES, XRD, Raman spectroscopy, H2-TPR, NH3-TPD, 
XPS, (S)TEM-EDX, BET, CHNS and CO chemisorption. While the Mo species, i.e., MoO3 and 
Zr(MoO4)2, in the 7wt% Mo loaded material were found to be of rather amorphous nature, their 
crystallinity increased significantly with Mo loading. The anisole hydrodeoxygenation 
performance of the catalysts was evaluated at gas phase conditions in a fixed bed tubular 
reactor in plug flow regime. A predominant selectivity towards hydrodeoxygenation and methyl 
transfer reactions rather than to hydrogenation was observed, irrespective of the Mo loading 
and further treatment, yet interesting differences in activity were observed. The highest anisole 
conversion was obtained on the catalyst(s) with 12% Mo loading, while the 7% Mo loaded 
one(s) exhibited the highest turnover frequency (TOFanisole) of 0.15 s
−1. CO chemisorption, XPS 
analysis and kinetic measurements indicate that treatment under H2/CH4 slightly reduced the 
initial anisole conversion, yet enhanced catalyst stability as well as TOF, probably due to the 
increased amounts of Mo5+ species. The importance of appropriate tuning of the reduction 
and/or preparation procedures has been addressed to improve the catalysts’ performance 
during anisole HDO. 
 
 
The results of this chapter are published as: C. Ranga et al., Effect of composition and 
preparation of supported MoO3 catalysts for anisole hydrodeoxygenation, Chemical 
Engineering Journal (2018) 335, 120-132. 
  






As already discussed more elaborately in the introductory chapter, the complexity of 
lignin, and consequently of the derived bio-oil, has prompted the use of model compounds such 
as phenolics, furans, ethers, acids etc. to study the intricacies of hydrodeoxygenation. Phenolics 
constitute one fourth of the oxygenates in bio-oil and are the most resistant to HDO [1, 2]. 
Anisole, because of its methoxy group, has already been widely investigated as a model 
compound for lignin derived bio-oil [3-8]. It is desirable to break the Caromatic-O bond in anisole 
rather than the Caliphatic-O bond to eliminate the oxygen heteroatom, however, accomplishing 
that poses a specific challenge as the Caromatic-O bond energy significantly exceeds that of 
Caliphatic-O [2]. Moreover, deoxygenation is normally preferred over aromatic ring 
hydrogenation for minimizing the hydrogen consumption as well as to maintain appropriate 
aromatic content [9-11]. 
Recently, major advances have been made in the area of catalytic HDO, more 
specifically towards Mo oxide and carbide catalysts [6-8, 12-15]. Previous reports have shown 
the significant potential of Mo based catalysts towards hydrogenolysis, hydrogenation and 
hydroisomerization type of reactions [16-22]. Román-Leshkov et al. demonstrated the MoO3 
catalyst performance in cleaving Caromatic-O bonds and highlighted the importance of Mo
5+ 
species on the catalyst stability [6, 7]. The latter species result from a partial carburization of 
the surface to transform MoO3 into an oxycarbohydride (MoOxCyHz) [7, 17, 23]. MoO3 
catalysts have also exhibited high alkane and/or aromatic yields (up to 90%) in the conversion 
of real bio-oil vapors [24]. An oxygen vacancy driven mechanism was hypothesized to be 
responsible for HDO over both bulk and supported MoO3 catalysts [6, 12]. Mortensen et al. 
discussed the oxidation of Mo2C to MoO2 under HDO conditions, as a cause of catalyst 
deactivation [25]. Bhan and co-workers have shown that partially oxidized molybdenum 
carbide can selectively hydrodeoxygenate biomass-derived molecules with near absence of 
sequential hydrogenation [26, 27]. The above studies indicate the critical role of intermediate 
state(s) between an oxide and a carbide form of Mo species on its catalytic performance, 
including stability. 
On supported MoO3 catalysts, interactions with the support lead to mixed oxide species. 
Generally, the mixed oxide concentrations vary with the Mo loading on the support and the 
calcination temperature, amongst others [28, 29]. Moreover, structural changes of the mixed 
oxide as well the Mo oxide itself can affect the reducibility as well as catalyst activity [28-32]. 
The present chapter, hence, focuses on the development and characterization of supported 





molybdenum oxides with different Mo loadings and examines the impact of preparation 
conditions and catalyst surface composition on its activity and stability during catalytic HDO 
of anisole. Aiming at avoiding hydrothermal stability challenges of alumina supports [2], as 
well as to lower the potential for carbonaceous deposits formation, a less acidic surface, i.e., 
ZrO2 was evaluated as support [33]. In addition, an insight into the anisole HDO reaction 
pathways is given through intrinsic kinetic experiments varying space-time, temperature, along 
with stability tests performed over present catalysts. 
3.2 Experimental methods 
3.2.1 Catalyst preparation 
Molybdenum oxide catalysts supported on zirconia were prepared targeting three levels 
of Mo, determined by ICP-OES to be ca. 7, 12, and 19wt%. An incipient wetness pore filling 
procedure was employed for impregnating the zirconia support with an aqueous solution of 
ammonium heptamolybdate ((NH4)6Mo7O24.4H2O, Alfa Aesar).  Zirconia (Alfa Aesar) pellets 
were first crushed and sieved to obtain the 100 - 300 μm particle size fraction, which was 
subsequently calcined at 500 °C for 5h prior to impregnation. After the impregnation, the 
samples were initially dried at room temperature for 12h and afterwards at 120 °C for 24h, 
followed by calcination under flowing air (ca. 150 ml min-1) at 550 °C for 6h. The calcined 
materials were referred as xMoO3 with “x” the Mo loading. Further, the calcined materials were 
subjected to a post-synthesis modification under H2/CH4 gas mixture. The oxide sample was 
heated at a rate of 1 °C min-1 under H2/CH4 (80/20%, v/v) gas mixture till a target reduction 
temperature was reached and subsequently held there for 1h at atmospheric conditions. As a 
part of this treatment, two different target temperatures, i.e., 550 and 700 °C were employed 
and the corresponding materials were referred as Mo550 and Mo700 respectively. This was 
followed by a passivation step with (1% v/v) O2/Ar at room temperature for 2h for subsequent 
transportation purposes of the catalyst. 
3.2.2 Catalyst characterization 
For more details about the characterization techniques that have been used in this 
chapter, the reader is referred to the Chapter 2. 
For the temperature programmed reduction using hydrogen (H2-TPR), sample amounts 
of ca. 100 mg were loaded in a U-shaped tubular quartz reactor, with an internal thermocouple 
positioned at the level of the sample bed. Prior to H2-TPR, the sample was purged with high 
purity (99.999%) Argon (60 ml min-1) at 200 °C for 2h. To obtain the TPR profiles the 





temperature was progressively increased from ambient to 1000 °C at a rate of 10 °C min-1 in a 
mixture of 10 vol.% H2/Ar (60ml min
-1). As for the temperature programmed desorption 
experiments using ammonia (NH3-TPD), the sample was purged with high-purity (99.999%) 
helium (60 ml min-1) at 200 °C for 1h. After this pretreatment, the sample was saturated with 
high purity anhydrous ammonia employing 4 vol.% NH3/He (75 ml min
-1) at 80 °C for 2h and 
subsequently flushed at 110 °C for 1h to remove physisorbed ammonia. The TPD analysis was 
carried out from ambient temperature to 800 °C at a heating rate of 10 °C min-1. A calibration 
factor was determined by calibrating the detector with known volumes of NH3 [34]. The amount 
of NH3 desorbed was quantified by calculating the area under the TPD curve. 
The active surface adsorption properties were determined by volumetric CO 
chemisorption on a Micromeritics ASAP 2020 instrument. CO chemisorption provides a 
measure for the accessibility of the catalytically active phase, such as the Mo dispersion. The 
latter is obtained from the CO uptakes and the known molybdenum concentration in the 
samples, assuming a chemisorption stoichiometry of CO:Mo = 1:1. The catalyst (200 mg) was 
loaded in a U-shaped quartz reactor and initially evacuated at 120 °C for 60 min. Afterwards, 
it was reduced in flowing H2 at 350 °C (heating rate 10 °C min
-1) with a hold time of 2h in case 
of MoO3 and 0.5h in case of Mo550 and Mo700. Subsequently, it was evacuated at 350 °C for 
50min, then cooled down to 40 °C, and evacuated for another 30 min. The adsorption isotherms 
were measured at 40 °C by determining the adsorbed amount of CO at different pressures in 
the range 20-500 mmHg. Adsorbed volumes were obtained by extrapolating the linear part of 
the adsorption isotherm to zero pressure. 
Through in-situ XRD measurements, the evolution of the catalyst structure during TPR 
under H2/He and H2/CH4 was investigated. Helium (10 ml s
-1) was flowing for 10 min before 
the flow was switched to H2/He or H2/CH4 for TPR experiments. A full XRD scan (15° to 75° 
with step size of 0.02°) was taken at room temperature before and after TPR, for better 
resolution, without removing the sample from the chamber. 
The carbon content in spent and fresh catalyst materials was analyzed by CHNS 
elemental analysis. These measurements were performed on a Thermo Flash EA2000 elemental 
analyzer (Interscience, Belgium) equipped with a thermal conductivity detector (TCD), using 
V2O5 as catalyst. Sample cups were tightened and the analysis waiting time kept as short as 
possible to minimize re-adsorption of water, affecting the weight and elemental composition of 
the samples. 





3.2.3 Catalyst activity measurements 
Kinetic experiments for gas phase anisole HDO were carried out in a state of the art 
high throughput kinetic screening setup, HTK-S [35]. Detailed description can be found in 
Chapter 2. Hydrogen diluted with helium was used as gas feed and anisole dissolved in 
n-hexane with n-octane as internal standard, as the liquid feed. Catalyst activity measurements 
are performed at both differential as well as integral regimes. The absence of heat and mass 
transport limitations and the establishment of the ideal plug flow regime were verified via 
adequate correlations, see Chapter 2 [36].  
Catalyst pre-treatment was carried out to transform the catalyst into its active form. The 
catalyst sample was dried at 180 °C first for 2h under helium and subsequently heated until 
350 °C at 5 °C min-1 under H2/He (70% v/v) and maintained at that temperature for 1.5h at a 
total pressure of 0.5 MPa. Calcined oxide materials (MoO3) were subjected to this pre-
treatment. The performance of MoO3 pretreated under H2/CH4 (80/20%, v/v) at 550 °C prior to 
the reaction, instead of the conventional H2 reduction has also been verified.  As for the post-
synthesis modified materials (Mo550 and Mo700), only the drying step under He was 
performed without the H2 reduction step. After the pre-treatment, the temperature is changed to 
the target reaction temperature and, once stable, other operating parameters such as feed flow 
rates are set to start the actual kinetics measurement. The oxygen passivation layer on Mo550 
and M0700 is removed by H2 at the reaction temperature, prior to feeding anisole. The operating 
conditions for the anisole HDO experiments over the series of Mo catalysts are summarized in 
Table 3-1. 
  





Table 3-1: Overview of the range of performance test conditions 
Operating condition Experimental range 
Catalyst particle diameter (µm) 100-200 
Temperature (°C) 300-360 
Total pressure (MPa) 0.5 




The average turnover frequency (TOF, mol s-1 molMo
-1) [37] was calculated from the difference 
in the inlet and outlet molar flow rates of components at 60h time on stream (TOS) as shown 








0 and 𝐹𝑘 represent the inlet and outlet molar flow rates of component k. 𝑁𝑀𝑜 represents the 
number of moles of exposed Mo atoms on the catalyst surface. 𝑁𝑀𝑜 is calculated from the Mo 
dispersion obtained through CO chemisorption measurements. 
3.3 Results and Discussion 
3.3.1 Material characterization 
3.3.1.1 Textural properties and elemental composition 
N2-sorption measurements via BET method, see also Table 3-2 and Figure A-1, show 
that the specific surface area (SSA) of the catalysts decreases as a function of the Mo loading. 
Such a trend can be attributed to a gradually increased filling of the pore volume [38, 39]. N2-
sorption measurements resulted in type IV isotherms (see Figure A-3), which is typical for 
mesoporous materials. Post-synthesis modification under H2/CH4 at 700 °C decreased SSA of 
the investigated materials, an effect that became less pronounced with increasing Mo loading. 
This can be ascribed to the high temperature that favored the formation of relatively larger 
particles, predominantly at lower, i.e., 7wt% Mo loading due to the amorphous form of Mo 
species present compared to more crystalline species present at 12 and 19wt%. The less 
pronounced decrease in SSA for 12Mo700 is at the limit of being significant while no clear 
difference was observed in case of 19wt% loading, in agreement with the more pronounced 





crystallinity. The Mo surface densities per unit surface area (Mo atoms/nm2) were calculated 
from the MoO3 concentration as determined by ICP and the BET surface area [32]. As can be 
seen from Table 3-2, Mo surface density increased with Mo loading. 
Table A-1 presents the CO chemisorption data over the investigated materials. It can be 
seen that the Mo dispersion values on all the catalysts are low. The evolution of the Mo species 
nature with increasing Mo loading and post-synthesis modification severity is further discussed 
via XPS and XRD analyses. The amount of exposed active Mo calculated through CO 
chemisorption data, see Table A-1, was further used to assess the average turnover frequencies 
(TOF). Carbon analysis (Table A-2) indicated that far less carbon remained on the oxide 
structure after the post-synthesis modification at 550 and 700 °C under H2/CH4 mixture. This 
implies that the transformation occurring during this post-synthesis modification is essentially 
limited to MoO3 reduction, possibly dominated by H2 activation with a potential to create active 
defect sites induced by the treatment. The acidity of the investigated catalysts was quantified 
using the ammonia TPD method. The TPD profiles, see Figure A-9, present intense peaks only 
at low temperatures (150 – 270°C) and weak peaks at higher temperatures (410 – 530 °C, 700 
– 720 °C), implying the rather moderate acidity of the catalysts. The corresponding acidity 
values are given in Table A-5. 
Table 3-2: Catalyst and support properties. 
Material SSA (m2 g-1) 
Mo% 
(Mo/Zr) 
Mo surface density 
(Mo nm-2) 
H2 uptake (μmol g
-1) 
Region I Region II Total 
ZrO2 98.5 ± 0.9 - - - - - 
7MoO3 91.6 ± 2.2 6.4 (0.1) 4.4 19.5 94.8 114.3 
12MoO3 80.3 ± 2.2 11.2 (0.2) 8.8 66.6 120.2 186.8 
19MoO3 53.4 ± 2.8 18.1 (0.36) 21.2 124.5 280.8 405.3 






Figure 3-1: X-Ray Diffractograms of support ZrO2, 7MoO3, 12MoO3, and 19MoO3 fresh 
samples. 
3.3.1.2 Structural composition 
Figure 3-1 depicts the XRD patterns of the fresh supported Mo oxide catalysts. The 
diffractogram of the bare ZrO2 support has also been included as a reference. As seen in Figure 
3-1, the characteristic peaks of Zr(MoO4)2 are present only in the pattern corresponding to the 
high Mo-loaded sample, i.e., 19wt%. Chen et al.[32] and El-sharkawy et al.[31] have reported 
that in the ZrO2-supported Mo oxide materials, an increase in Mo loading leads to higher 
Zr(MoO4)2 concentrations with a more pronounced crystallinity. This observation explains the 
absence of peaks characteristic of crystalline Zr(MoO4)2 on the lower, i.e., 7 and 12wt%, Mo-
loaded catalysts, see Figure 3-1. Zr(MoO4)2 may, however, still be present on both samples in 
XRD amorphous form, due to strong metal-support interactions (MSI). As can also be seen in 
Figure 3-1, a MoO3 phase is identified in both 12MoO3 and 19MoO3 samples, while molybdena 
is XRD amorphous or highly dispersed form in the 7wt% sample [31, 33]. Crystallite sizes for 
MoO3 and Zr(MoO4)2 were calculated approximately equal to 100 and 60 nm respectively, in 
the case of 19MoO3 sample, employing the Scherrer equation [40]. The above deductions from 
the XRD results were confirmed by Raman spectroscopic measurements performed over the 
investigated supported Mo oxide materials, see Figure 3-2. The Raman bands observed in the 
spectra of all three MoO3 samples at 748, 945 cm
-1 indicate νsym(O–Mo–O) and νasym(O–Mo–
Zr(MoO4)2
MoO3




















O) vibrational modes of Zr(MoO4)2 and the bands at 666, 819 and 996 cm
-1 indicate νsym(Mo–
O–Mo), νasym(Mo–O–Mo), and ν(Mo=O) vibrational modes of  MoO3 [29, 41]. 
 
Figure 3-2: Raman spectra of support ZrO2, 7MoO3, 12MoO3, and 19MoO3 fresh samples. 
In-situ XRD analysis was also carried out to monitor the structural changes of the 
materials under a reducing atmosphere. Figure 3-3 presents the XRD patterns of the 19MoO3 
sample after reduction using two types of treatments, i.e., under H2/He flow and under H2/CH4 
flow. Figure 3-4 (a, b) displays the time resolved in-situ XRD measurements during TPR under 
two different reducing conditions. Each yellow line segment designates the presence of a 
specific crystalline phase. The evolution of the crystalline species present in the sample is 
depicted as a function of reduction time, the latter determining the reduction temperature. The 
2θ angle window was chosen between 20 - 40° to capture the characteristic intense line 
segments of all possible species present in the sample. As can be seen in Figure 3-4 (a), the 
increase of the operating temperature under H2/He flow induces first the reduction of the 
Zr(MoO4)2 around 400 °C  followed by MoO3 reduction to MoO2, in both monoclinic (m) and 
hexagonal (h) phases. ZrO2 phase is present in the sample throughout the investigated 
temperature window, while no line segment corresponding to (partially) reduced zirconium 
oxide species is spotted. The increase of the operating temperature under H2/CH4 flow, up to 
550 °C resulted in the virtually complete reduction of both Zr(MoO4)2 and MoO3 phases and 
the formation of monoclinic and hexagonal MoO2, as can be easily identified in Figure 3-4 (b). 


























monoclinic MoO2.  However, no metallic nor carbide Mo phase was detected. It can, hence, be 
assumed that monoclinic MoO2 is transformed into hexagonal MoO2 under the investigated 
conditions [42, 43]. 
 
Figure 3-3: XRD scans of support (a) ZrO2, (b) fresh and (c, d, e, f) reduced 19MoO3 
samples. (c) and (d) were obtained after reducing under H2/He (10 % v/v) mixture at 350 
and 450 °C respectively. (e) and (f) were obtained after reducing under H2-He-CH4 
(H2/CH4 = 4 v/v) mixture at 550 and 700 °C respectively. 































Figure 3-4: Time resolved in-situ XRD for 19MoO3 material during (a) TPR under H2/He 
(10 % v/v) mixture; heating rate: 5 °C min-1, maximum temperature 450 °C, hold time: 
1h. (b) TPR under H2-He-CH4 (H2/CH4 = 4 v/v) mixture; heating rate: 5 °C min-1, 
maximum temperature 700 °C, hold time: 1h. The X-axis follows the time scale according 
to the heating rate of the reduction, which started from ambient to the target (450 or 
700 °C) value. 
3.3.1.3 Reduction behavior 
Figure 3-5 depicts the H2-TPR profiles of the supported Mo oxide samples. The TPR 
patterns suggest that the reduction of the supported molybdena occurs in two stages. The first 
is situated in the temperature range from 400 to 760 °C (region I), followed by a second one at 
temperatures exceeding 760 °C (region II) [33, 44]. Within region I, the first peak around 
416-438 °C can be attributed to the reduction of the mixed oxide phase Zr(MoO4)2 and the 
second one around 479-535 °C to crystalline and/or octahedral MoO3 by taking into account 
the ex-situ (Figure 3-1) and in-situ (Figure 3-4) XRD data analysis[30, 33]. These two peaks 
shift to higher reduction temperatures with increasing Mo loading, which is attributed to the 
more pronounced crystallinity of the Zr(MoO4)2 and MoO3 phases, as depicted in Figure 3-1 
[45]. Within the region II, the peak around 832-913 °C is ascribed to the reduction of tetrahedral 
molybdena. This phase, the prevalent Mo oxide form at low Mo loadings is difficult to reduce 
due to strong metal-support interactions [30]. The further reduction of Mo4+ species could also 
be associated with this high temperature peak, as observed on other supported-Mo materials 
[28, 46]. The corresponding hydrogen uptake values, given in Table 3-2, were found to increase 






































































Figure 3-5: H2-Temperature Programmed Reduction (H2-TPR) of 7MoO3, 12MoO3, and 
19MoO3 samples. 
3.3.1.4 Surface composition 
XPS spectra were acquired for the 12wt% Mo oxide material (fresh and reduced) 
samples to investigate the surface composition as well as the nature of the surface Mo species. 
For this purpose, the high-resolution XPS window of Mo 3d transitions was focused upon, see 
Figure 3-6. The Mo 3d level consists of two spin orbit split contributions, 3d5/2 and 3d3/2, 
separated by 3.2 eV, with an area-intensity ratio of 3:2 and identical full width at half maximum 
(FWHM).  Mo 3d5/2 and 3d3/2 components are located at 232.55 and 235.7 eV respectively [47-
49]. There seems to be a small shift towards higher binding energy, BE, compared to the BE 
value of Mo3d5/2 in bulk MoO3 which is believed to be caused by the metal-support interactions. 
FWHM of Mo3d5/2 is in the range of 1.8-2.2, which is slightly higher compared to the FWHM 
of Mo3d5/2 in bulk MoO3 [50, 51]. This broadening can be attributed to various factors including 
(i) the presence of more than one type of Mo species with different chemical characteristics, 
and (ii) electron transfer between Mo and the support (metal-support interactions). Because of 
the use of an electron gun, differential charging stemming from poor conductivity of the 
samples could be discarded [50].  Prior to any deconvolution of the XPS data, it is already 
evident that all catalyst samples contain a significant fraction of Mo6+ species in the form of 
MoO3. 


































Figure 3-6: High-resolution XPS of Mo 3d doublet transition of 12MoO3 (fresh and 
reduced at 350 °C), 12Mo550, and 12Mo700 samples. Red: Mo6+, Orange: Mo5+, Green: 
Mo4+. A shorter measuring time was used to limit beam reduction for 12MoO3 fresh and 
reduced samples. 
After deconvolution of the XPS spectra, the contribution of the various Mo species such 
as Mo6+, Mo5+, Mo4+ has been calculated, see Figure 3-6. The fresh 12MoO3 sample features 
only Mo6+ species as shown in Figure 3-6. A mild reduction of the 12MoO3 sample at 350 °C, 
resulted in the presence of Mo5+ species along with Mo6+ species. In case of post-synthesis 
modification with H2/CH4, i.e., 12Mo550 and 12Mo700, peaks corresponding to Mo
4+ in 
addition to Mo5+ surface species also appeared. The binding energies of  Mo6+, Mo5+, Mo4+ are 
found to be at 232.0-232.4, 231.0-231.6, and 229.1-229.7 respectively (Table A-4), which is 
consistent with the reported values [49, 52, 53]. The prevalence of Mo5+ species in reduced 

























reported that, in bulk MoO3, Mo
5+ species arise from either the transformation of MoO3 to 
MoOxCyHz and/or the reduction of MoO3 to MoO3-x [6, 12, 17]. Presence of metallic Mo has 
not been observed in any of the materials. The surface fraction of Mo with reduced valence 
states, especially Mo5+ increases along with development of Mo4+ in Mo550 and Mo770 
compared to the mildly reduced MoO3, see Figure 3-6. Although the intermediate state Mo
5+ 
was not observed through in-situ XRD measurements, its presence cannot be ruled out, as it 
may coexist in an amorphous form or in small crystallites. However, the reduction of MoO3 
(Mo6+) to MoO2 (Mo
4+) phase has been apparent through both XPS and XRD analyses. 
3.3.1.5 Morphology and bulk composition 
(S)TEM analysis along with EDX elemental mapping has been performed to determine 
the structural features of MoO3 catalysts with increasing Mo loading. In case of 7MoO3, the 
particle size is difficult to estimate as molybdenum is homogeneously spread over the support 
zirconia making a contrast pattern between Mo and Zr quasi identical, which is illustrated by 
the EDX analysis, see Figure 3-7 (a). In case of 19MoO3 there are more variations in the contrast 
between Mo and Zr elemental maps. This suggests coarse-scale inhomogeneity of Mo spread 
on the support surface of 19MoO3 material, see Figure 3-7 (b), likely due to the formation of 
bigger MoO3 crystals along with development of a mixed oxide, Zr(MoO4)2, which also has 
been evidenced through XRD. Moreover, EDX spectra of the samples (Figure A-6) were 
complicated to analyze due to a close overlap between characteristic Zr and Mo analytical 
peaks. As it is difficult to estimate the particle size, for a quantitative understanding, the size of 
Mo oxide species aggregate is estimated from the HRTEM images, see Figure 3-8. Aggregate 
sizes increased with the Mo loading from 7 to 19wt%, and grew to a maximum size of 
approximately 150 nm in 19MoO3, see Figure 3-8 (b). At lower, i.e., 7wt%, Mo loading, Mo 
aggregates are relatively small with their size not exceeding 20 nm, see Figure 3-8 (a). This is 
indeed in agreement with the already discussed concept that at lower Mo loading, Mo oxide 
species exists mainly as well-spread amorphous polymolybdates as well as Zr(MoO4)2, and at 
higher Mo loading as big size crystallites [30, 39, 46], which also has been observed through 
XRD results, see Figure 3-1. 
 







Figure 3-7: (S)TEM/EDX analysis of (a) 7MoO3 (b) 19MoO3 fresh samples. 
 
Figure 3-8: HRTEM images of (a) 7MoO3 and (b) 19MoO3 fresh samples. 
3.3.2 Catalytic performance evaluation 
3.3.2.1 Activity tests and reaction network elucidation 
Catalyst performance was assessed using anisole HDO as a model reaction in a 
temperature range of 300-360 °C at 0.5 MPa total pressure, ensuring that the reaction was 
occurring in gas phase. The investigated catalysts were tested for their stability during anisole 
HDO at 340 °C and 0.5 MPa, employing a H2 to anisole inlet ratio of 50 mol mol
-1 and a space 
time of 125 kgcat s mol
-1
anisole. All MoO3 catalysts exhibited a similar stability behavior with 
time on stream (TOS), i.e., the activity rapidly lines out during the first 20h TOS and 
subsequently declines only moderately, see Figure 3-9 (a). Some activity decrease persisted up 
to 100h TOS, though being relatively limited compared to the initial decrease. Mo550 and 
Mo700 exhibited a less pronounced initial lining out followed by a more stable behavior. Yet 
the initial conversions on Mo550 and Mo700 were lower in comparison to the MoO3 catalysts, 
see Figure 3-9 (b) for the 12wt% Mo catalysts. It indicates that the reduction treatment with 
STEM Zr Mo O
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H2/CH4 enhances the catalyst stability under HDO conditions but decreases the overall activity, 
which is attributed to enrichment of Mo5+ and Mo4+ species respectively, see also section 
3.3.2.2.  
The products obtained were benzene, phenol, cresol, toluene, methyl anisole, and 
dimethyl phenol. Trace amounts of heavier aromatic products such as xylenes and 
trimethylbenzenes were also detected. Methane was the only light hydrocarbon by-product 
observed. The typical mass and carbon balances were closed within 100±5%. Main product 
selectivities are plotted in Figure 3-9 (c, d). The deoxygenated product (benzene, toluene) 
selectivity exhibited a decreasing trend, just like the anisole conversion with the time on stream 
whereas the phenolic product (phenol, cresol, dimethyl phenol) selectivity increased. The 
presence of traces of xylenes and trimethylbenzenes implies further methylation of the aromatic 
ring. All investigated catalysts exhibited negligible selectivity towards aromatic ring 
hydrogenation in present range of operating conditions, except the formation of some traces of 
cyclohexene (<1% selectivity). Hence, all catalysts exhibited high hydrogenolysis to 
hydrogenation ratio, see Table 3-3. 
  





Table 3-3: Product selectivity (%) during anisole HDO (T = 340 °C, PT = 0.5 MPa, 
H2/anisole = 50 mol mol-1, space time = 125-230 kgcat s mol-1) over MoO3, Mo550, and 
Mo700 catalysts at iso-conversion (≈ 40%). 
 7MoO3 12MoO3 12Mo550 12Mo700 19MoO3 
Cyclic hydrocarbons (deoxygenated products) 
Benzene 28.9 29.6 30.6 34.4 29.1 
Toluene 8.5 6.2 6 8 7.9 
Di & Tri methyl benzenes 2.2 2.1 2.5 3.4 2 
Cyclohexene 0.3 0.5 0.3 0.2 0.4 
SHDO 39.9 38.4 39.4 46 39.4 
Light hydrocarbons 
Methane 2.9 3.6 3.9 4.5 3.5 
Oxygenates 
Phenol 21.8 23.5 22.9 20.2 21.5 
Cresol 14.9 14.1 14.4 12.1 14.8 
Methyl anisole 10.7 12.6 11.2 10.5 10.9 
Di methyl phenols 9.8 7.8 8.2 6.7 9.9 
As can be seen in Table 3-3, there was no significant difference between the product 
selectivities over the investigated catalysts at an iso-conversion level of 40%. The performance 
of the catalysts investigated in the present work is in line with what has been reported for MoO3 
materials tested under similar HDO conditions [7]. 













Figure 3-9: Stability tests of (a) Mo oxide catalysts, (b) 12MoO3, 12Mo550 and 12Mo700. 
(c) Main product selectivity with TOS for the 12MoO3 catalyst. (d) Main product 
selectivity vs. anisole conversion during TOS experiment with 12MoO3 catalyst. 
Operating conditions: T = 340 °C, PT = 0.5 MPa, H2/anisole = 50 mol mol-1, W/Fº = 125 
kgcat s molanisole-1. 
Intrinsic kinetic data suggest that anisole transformation under present hydrotreating 
conditions occurs through a complex reaction network and that the investigated catalysts exhibit 
very high hydrogenolysis to hydrogenation ratio. To determine the reaction pathway, the 
evolution of product selectivities with space-time as well as temperature was investigated 
(Figure B-3). Also, the results from the catalyst stability experiments, i.e., the evolution of 
product selectivity with time on stream, see Figure 3-9 (c, d), contributed to this reaction 
mechanism elucidation. A reaction pathway that is consistent with the observations made on all 
catalysts is shown in Figure 3-10. It is in line with earlier work reported in the literature for 
anisole HDO [54-60]. Anisole conversion at the present reaction conditions mainly proceeds 
via hydrogenolysis and methyl transfer reactions. The direct deoxygenation product, methanol, 
was not observed in the product stream at all conversion levels, suggesting that catalysts are 
more selective in cleaving Caliphatic-O bonds than Caromatic-O bonds in anisole [59, 61]. This 


















































































































group to the aromatic ring [2, 62]. Initially, anisole is converted into phenol through 
demethylation by cleaving the Caliphatic-O bond followed by hydrogenolysis of the Caromatic-O 
bond to produce benzene, which involves a partial hydrogenation of the phenolic ring near the 
Caromatic-OH bond, resulting in the temporary removal of the delocalization effect followed by 
rapid dehydration[20, 57]. It results in the formation of benzene and water. Further, aromatic 
hydrogenation of benzene to cyclohexene was found to be very limited i.e., selectivity < 1% at 
the operating conditions used, and irrespective of the conversion levels. Fully hydrogenated 
products, i.e., methoxycyclohexane and cyclohexane were not observed at all. These results 
indicate that the present Mo catalysts possess an insignificant activity for aromatic ring 
hydrogenation, which is in agreement with prior HDO experimentation and, hence, can be 
considered as a typical feature of Mo based catalysts, in contrast with, e.g., Ni based ones [6-8, 
12, 15, 60, 63]. 
Another substantial route observed at the present operating conditions during the 
conversion of anisole is transalkylation. The ease of the Caliphatic-O bond cleavage and the 
moderate acidity of the catalysts promote methyl transfer reactions, i.e., demethylation of 
anisole and methylation onto the aromatic ring [64, 65]. The produced data also imply the 
simultaneous occurrence of intermolecular and intramolecular methyl group transfers, e.g., 
formation of methyl anisole, cresol, and dimethyl phenol. Cresol further transforms into toluene 
through direct hydrogenolysis, see Figure 3-9 (d). In similar way, xylenes are formed from 
dimethyl phenol. Further aromatic ring methylation was also found to occur but only in trace 
amounts producing tri-methylated benzenes. 
 
Figure 3-10: Proposed anisole HDO reaction pathways 





3.3.2.2 Catalyst activity-structure correlation 
The activity of Mo catalysts is determined by the Mo dispersion as well as the nature of 
active sites. It is reported that for the formation of a monolayer on support surface, 0.16wt% of 
MoO3 is required per m
2 g-1 of the support [30, 66]. The surface area of zirconia used for support 
amounts to 98.5 m2 g-1 and, hence, the amount of MoO3 required for monolayer coverage is 
15.8 or 10.5wt% of Mo. From the XRD data, it is understood that as the Mo loading increases 
to 12wt%, crystallites start to grow as the Mo coverage on the support surface reaches beyond 
mono layer capacity [33, 45]. It has been reported that at lower Mo loadings, Mo-oxide exists 
as small patches of two-layer thickness on the support and upon reduction, coordinatively 
unsaturated sites will be created at the edges of these patches through oxygen removal [33, 46, 
67]. Further increase in Mo loading leads to an increase in number of such patches, eventually 
covering the support surface to a monolayer level. Beyond which, the patches grow three 
dimensionally and result in crystallites thus decreasing the Mo dispersion. The present results 
can be explained with the help of the above concepts. 
At 7wt% Mo loading, MoO3 and Zr(MoO4)2 exist as amorphous polymolybdates and at 
12wt% small MoO3 crystallites are present. As Mo loading reaches 19wt%, intense crystalline 
MoO3 peaks emerge along with mixed oxide Zr(MoO4)2 crystal peaks, see Figure 3-1. The 
intermediate Mo level loaded catalyst, i.e. 12MoO3, exhibited the highest activity per catalyst 
mass, see Figure 3-11 (a). This can be explained by the relatively higher amounts of exposed 
Mo on the catalyst surface at 12wt% Mo loading compared to other two Mo loadings and, 
hence, a maximum availability of active sites on this catalyst [28], see Table A-1. It is 
understood from H2-TPR measurements that the total amount of reducible Mo species increases 
with the Mo loading, see Table 3-2, however, relative to the total Mo amount a maximum 
number of active sites is available on 12MoO3 at the tested operating conditions for anisole 
HDO, even resulting in higher anisole conversions. On the catalyst with 19wt% Mo loading, 
the development of MoO3 and mixed oxide, Zr(MoO4)2, crystals results in a reduced availability 
of active Mo sites. It has been reported that the activity of MoO3 catalysts originates from the 
creation of oxygen vacancies (i.e., MoO3-x) through catalyst pre-treatment [6, 68, 69]. 
Moreover, oxygen vacancy creation capacity is closely related to the hydrodeoxygenation 
ability in similar catalysts [14]. It is understood from in-situ XRD measurements (Figure 3-4 
and Figure A-5) that Zr(MoO4)2 is more easily reducible than MoO3. The adequate reducibility 
of the mixed oxide, Zr(MoO4)2, as well as MoO3 to create necessary oxygen vacancies is critical 
in improving the overall catalyst performance. Activity per catalyst mass is proportional to the 





number of Mo sites calculated through CO chemisorption. The activity trend with Mo loading 
is similar at all three investigated temperature levels, see Figure 3-11 (a). At higher 






Figure 3-11: Reaction rate per kilogram of catalyst of (a) Mo oxides at various reaction 
temperatures and (b) the deoxygenation yield (YHDO) of Mo oxides at 340 °C. Other 
operating conditions: PT = 0.5MPa, H2/anisole = 50 mol mol-1, W/Fº = 125 kgcat s molanisole-
1. TOS = 40h. 
As can be seen in Figure 3-11 (b), 12MoO3 produced the highest yield in HDO (YHDO) 
products amongst the oxide catalysts, which is attributed to the corresponding high conversion 
of anisole over this catalyst, see Figure 3-11 (a). To determine the TOF over the above catalysts, 
their activity is normalized to the amount of active sites calculated through CO chemisorption.  
As seen in Figure 3-12 (a) and Figure B-4 (a), 7MoO3 exhibited a higher TOFanisole and 
product yield per site compared to higher Mo loaded (i.e., 12 and 19wt%) catalysts. The 
comparison of the activity per catalyst mass with TOF indicates that the number of active sites 
increases with Mo loading and reaches a maximum at 12wt% Mo (Table A-1) and along with 
the Mo loading, the collective nature of active sites changes as well as the corresponding MoO3-
ZrO2 interactions in the case of the oxide catalysts. For the presently investigated catalysts, it 
has indeed been observed through H2-TPR and in-situ XRD measurements that reduction of 
both Zr(MoO4)2 and MoO3 results in the creation of active Mo, see Figure 3-4 and Figure 3-5. 
At low Mo loading, i.e., in case of 7MoO3, the active form of the catalyst is most likely obtained 
from the reduction of mainly the amorphous Zr(MoO4)2 and partly from the reduction of 



























































active Mo compared to the reduction of MoO3. In contrast, the development of crystalline 
Zr(MoO4)2 as well as MoO3 in case of 12MoO3 and 19MoO3 inhibits the necessary Mo oxide 
reduction. 
Mo550 and Mo700 displayed high TOF values compared to their oxide analogues, see 
Figure 3-12 (b), and Figure B-4 (b). It is understood from XPS analysis of the materials that, 
through post-synthesis modification, most of MoO3 is converted from Mo
6+ state to reduced 
oxide states (Mo5+ and Mo4+) on the catalyst surface. The pronounced concentration of such 
reduced Mo form (Mo5+), see Figure 3-6, indicates that it is the main active phase accounting 
for the catalyst activity. Moreover, increased Mo5+ concentration in Mo550 and Mo700, 
improved catalyst stability with TOS, see Figure 3-9 (b), indicative of stable active phase. Mo5+ 
has been reported to account for the catalyst activity during oxygenate HDO with Mo4+ being 
relatively less active [7, 70]. Although XRD indicated the presence of crystalline MoO2 in 
Mo550 and Mo700, see Figure A-4, the subsequent activity tests showed that the modification 
under H2/CH4 enhanced the turnover frequency (TOF), see Figure 3-12 (b). This is due to the 
generation of defects induced by the post-synthesis modification along with MoO3 reduction to 
MoO2 species[17, 23].  Prasomsri et al. [7] reported that during oxygenate HDO, the nature of 
active sites transforms dynamically with the oxygenate stream and the most active form of the 
Mo species is an intermediate Mo phase (MoOxCyHz) associated with oxygen, carbon and 
hydrogen. In the present case, it is most likely that the most active intermediate Mo state has 
already been created through post-synthesis treatment under H2/CH4 of precursor oxide (MoO3) 
prior to the anisole HDO reaction, as indicated by the increase in Mo5+ concentration, see Figure 
3-6. In the case of MoO3 catalysts, presence of rather lower Mo
5+ concentration during anisole 
HDO resulted in relatively lower TOF compared to Mo550 and Mo700 [12]. No change in TOF 
has been observed between Mo550 and Mo700. Increase in treatment temperature from 550 to 
700 °C decreased the anisole conversion but retained relatively same TOF. An adequately 
reduced and stable Mo state is the target property for present Mo catalyst material under 
oxygenates HDO reaction conditions [7, 12].  
As shown in Figure 3-9 (b), the total conversion decreases with the post-synthesis 
modification, yet the TOF increases, see Figure 3-12 (b), which is attributed to the development 
of defects in the Mo oxide structure due to treatment under H2/CH4. It is reported that an 
increase in Mo4+ concentration decreases the overall activity of Mo catalysts for oxygenate 
HDO [7, 25]. The decrease in activity displayed in Figure 3-9 (b), see also section 3.3.2.1, 





among different 12wt% Mo catalysts can be attributed to the increase in Mo4+, which has also 
been observed through XRD (Figure A-4 (a)) and XPS (Figure 3-6) analyses of Mo550 and 
Mo700 catalysts. The differences in catalytic performance between monoclinic and hexagonal 
MoO2 are considered negligible in view of the low activity of MoO2. The low overall activity 
exhibited by 12Mo700 in comparison to 12Mo550 is attributed to the presence of a higher 
amount of Mo4+ or MoO2 present. Hence, it can be deduced that the creation of strong Mo active 
sites for an oxygenate HDO highly depends on appropriate tuning of H2 pre-treatment coupled 
with post-synthesis modifications for the catalysts. The evolution of surface composition, 
catalytic functionality in an oxygenate environment presents unique challenges in studying the 
structural and chemical changes of these materials and highlights the critical importance of an 
in-situ catalyst transformation study in assessing the active site requirements in these materials 





Figure 3-12: TOFanisole of (a) oxide catalysts with varying Mo loading, (b) 12MoO3, 
12Mo550, and 12Mo700. Operating conditions: T = 340° C, PT = 0.5 MPa, H2/anisole = 50 
mol mol-1, W/Fº = 125 kgcat s molanisole-1. 
The morphology of the catalyst materials is intact even after 100h on stream. No 
evidence of sintering is identified, see Figure A-7. Increase in carbon content was observed on 
catalysts after 100h TOS under anisole HDO conditions, see Table A-2 and Table A-3. The 
excess carbon could suggest poly-condensation of oxygenate feed and/or product on the catalyst 
surface, covering the actives sites. This could be a reason for the initial decrease in anisole 
conversion. 
3.4 Conclusions 
A series of ZrO2 supported Mo oxide catalysts were prepared and characterized by a 







































anisole hydrodeoxygenation as a model reaction. While MoO3 and Zr(MoO4)2 species were 
found to be amorphous in the 7wt% Mo loaded material(s), their crystallinity increased 
significantly with Mo loading up to 19wt%. A H2/CH4 (80/20%, v/v) treatment essentially 
transformed MoO3 into a material with increased amounts of lower Mo oxidation state(s) such 
as Mo5+ and Mo4+, as could be derived from XPS and (in-situ) XRD analyses. The catalyst 
activity for anisole HDO was closely related to the availability of active Mo oxide defects, i.e., 
Mo5+ species. The catalyst with 12wt% Mo loading exhibited the highest anisole conversion 
amongst the investigated catalysts. The highest TOFanisole (0.15 s
-1) was observed over the 7wt% 
Mo catalyst(s). Mo550 and Mo700 showed relatively higher stability as well as TOF compared 
to MoO3 catalysts. Hydrodeoxygenation only occurred as a secondary reaction preceded by 
methyl transfer reactions yielding phenol and cresol. Aromatic hydrogenation was limited in 
the investigated range of operating conditions, also indicative of low hydrogen consumption. 
Product selectivity was found not to be affected by the deployed Mo loading and catalyst 
preparation conditions. Overall, the investigated materials exhibited up to 50% selectivity 
towards hydrodeoxygenation during anisole HDO with an adequate stability making them 
potential alternatives for metal sulfide and noble metal catalysts. 
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4. Effect of Co incorporation and support 
selection on deoxygenation selectivity and 
stability of (Co)Mo catalysts in anisole HDO 
 
A series of supported Co modified Mo catalysts was prepared by varying the Co/Mo ratio in the 
range from 0 to 1 while maintaining the Mo loading at ca. 10wt%. A sequential incipient wetness 
impregnation method, with Mo being introduced first, using aqueous solutions of the 
corresponding precursor salts was employed during the synthesis procedure. Three supports, i.e., 
Al2O3, ZrO2, and TiO2 differing in textural and acidic properties were investigated. Material 
physicochemical characteristics were evaluated through ICP-OES, N2-sorption, XRD, H2-TPR, 
NH3-TPD, O2-TPO, (S)TEM-EDX and XPS techniques. The anisole HDO performance of these 
CoMo catalysts was evaluated at gas phase conditions in a fixed bed tubular reactor in plug flow 
regime. The catalysts performance is correlated with properties such as reducibility, acidity, and 
metal-support interactions. Cobalt addition enhanced the total HDO selectivity by 45% as 
compared to Mo catalysts. Alumina catalysts displayed higher initial activity (Xanisole ≈ 97%) 
relative to titania and zirconia supported variants (Xanisole < 40%) at identical operating 
conditions. Titania supported catalysts exhibited rather higher stability compared to zirconia and 
alumina catalysts over 50h time on stream (TOS), while zirconia catalysts displayed the highest 
HDO selectivity (up to 86%). Characterization studies of pre and post-reaction catalysts indicate 
Mo5+ to be the main active phase while over-reduction to lower Mo states (Mo4+ and Mo3+) as well 




The results of this chapter are published as: C. Ranga et al., Effect of Co incorporation and 
support selection on deoxygenation selectivity and stability of (Co)Mo catalysts in anisole HDO, 
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The present chapter contains the experimental HDO investigation using anisole over 
modified versions of the Mo catalysts discussed in the previous chapter. Present investigation 
continues the focus of Chapter 3 on addressing a major challenge with respect to bio-oil HDO, in 
identifying catalysts combining a high HDO activity with a sufficiently long lifetime and without 
an excessive hydrogen consumption [1-3]. 
Several supported metal-Mo catalyst compositions have already been tested under HDO 
conditions and among the promoter metals (including noble metals such as Pd, Pt, Re), Co has been 
found to induce one of the highest hydrodeoxygenation to aromatic ring hydrogenation ratios [4-
6]. On supported Mo and CoMo catalysts, interactions between the metal (oxide) and the support 
have been reported to determine the exact structure of this metal oxide, which can affect 
reducibility, catalytic activity as well as total acidity of the catalyst materials [7-14]. 
Zirconia supported MoO3 catalysts exhibited adequate activities and stabilities, while the 
HDO selectivity did not exceed 50%, see Chapter 3. In the present chapter, the effect of the Co 
addition to Mo catalyst and the type of support of Co-Mo materials on their HDO performance has 
been investigated. In particular, three supports, i.e., ZrO2, Al2O3, and TiO2, exhibiting different 
textural and acidic properties are probed. The impact of metal and support properties, i.e., 
reducibility and acidity, as well as of metal-support interactions on the catalysts activity, stability 
and selectivity under HDO experimental conditions is presented. 
4.2 Experimental methods 
4.2.1 Catalyst preparation 
A series of supported Co modified Mo catalysts was prepared by varying the Co/Mo ratio 
in the range from 0 to 1 while maintaining the Mo loading at ca. 10wt%. A sequential incipient 
wetness impregnation method using aqueous solutions of the corresponding precursor salts, i.e., 
ammonium heptamolybdate ((NH4)6Mo7O24.4H2O, Alfa Aesar) and cobalt nitrate hexahydrate 
(CoN2O6.6H2O, Alfa Aesar), was employed, with the former being introduced first. Support pellets 
were first crushed and sieved to obtain the 100 – 300 μm particle size fraction, and were 
subsequently calcined at 500 °C for 5h prior to impregnation. After the impregnation of Mo salt on 
to the support, the samples were dried at room temperature for 12h and then at 120 °C for 24h, 
followed by calcination under flowing air (ca. 150 ml min-1) at 550 °C for 6h. Subsequently, Co 
salt was impregnated with same post impregnation steps as that of Mo impregnation. Three 
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different supports, i.e., Al2O3, ZrO2 and TiO2 (Alfa Aesar), were used. The resulting calcined 
materials were designated as (xCo)MoA, (xCo)MoZ, and (xCo)MoT respectively, where “x” refers 
to the corresponding Co/Mo ratio present in the material. 
4.2.2 Catalyst characterization 
For more details about the characterization techniques that have been used in this chapter, 
the reader is referred to the Chapter 2. 
For the temperature programmed reduction using hydrogen (H2-TPR), sample amounts of 
ca. 100 mg were loaded in a U-shaped tubular quartz reactor, with an internal thermocouple 
positioned at the level of the sample bed.  Prior to H2-TPR, the sample was purged with high purity 
(99.999%) Argon (60 ml min-1) at 200 °C for 2h. To obtain the TPR profiles the temperature was 
progressively increased from ambient to 900 °C at a rate of 10 °C min-1 in a mixture of 10 vol.% 
H2/Ar. 
Acidity measurements were performed by temperature programmed desorption with NH3 
(NH3-TPD). Prior to NH3-TPD, the sample was purged with high purity (99.999%) helium (60 
ml min-1) at 200 °C for 2h. After pretreatment, the sample was saturated with high purity anhydrous 
ammonia employing 4 vol.% NH3/He (75 ml min
-1) at 80 °C for 2h and subsequently flushed at 
110 °C for 1h to remove physisorbed ammonia. The TPD analysis was carried out from ambient 
temperature to 700 °C at a heating rate of 10 °C min-1. A calibration factor was determined by 
calibrating the detector with known volumes of NH3 [15]. The amount of ammonia desorbed was 
correlated to the area under the TPD curve. 
During temperature programmed oxidation experiments using oxygen (O2-TPO), the outlet 
gas stream was monitored online using a calibrated OmniStar Pfeiffer mass spectrometer (MS). In 
a typical TPO experiment, the spent catalyst sample was purged with high purity (99.999%) helium 
(60 ml min-1) at 200 °C for 2h followed by heating from ambient temperature to 700 °C under 
10 vol% O2/He (45 ml min
-1). The heating rate used for O2−TPO was 10 °C min
-1. For 
quantification, the MS is focused to different amu signals, the selection of which was based on the 
analysis of the mass spectra of the individual components. The CO2 signal was monitored at m/z = 
44, that of CO at 28, that of He at 2, and that of O2 at 16. The amount of carbonaceous species was 
quantified by calculating the evolved CO2 during a typical TPO experiment. The CO signal 
observed to be negligible during the present experiments and any CO produced probably converted 
to CO2. 
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Through X-ray Photoelectron Spectroscopy (XPS) analysis, the composition of Mo 
oxidation states was estimated by the deconvolution of Mo 3d doublet. The following constraints 
were used for deconvolution: (1) Splitting energy of 3.2 eV for Mo 3d5/2–Mo 3d3/2, (2) Area 
intensity ratio of 3:2 for Mo 3d5/2–Mo 3d3/2, and (3) Equal full width at half maximum (FWHM) 
of Mo 3d5/2 and Mo 3d3/2, see Chapter 3. Mo 3d5/2 and 3d3/2 components are located at 232.55 and 
235.7 eV respectively [16-18]. 
4.2.3 Catalyst activity measurements 
Kinetic experiments for gas phase anisole HDO were carried out in a state of the art high 
throughput kinetic screening setup, HTK-S [19]. A schematic representation and a more elaborate 
description of the setup can be found in Chapter 2. Hydrogen diluted with helium was used as gas 
feed and anisole dissolved in n-hexane with n-octane as internal standard, as the liquid feed. The 
absence of heat and mass transport limitations and the establishment of the ideal plug flow regime 
were verified via adequate correlations, see Chapter 2 [20]. The investigated range of the operating 
conditions is presented in Table 4-1. 
Prior to the kinetics measurements, the catalyst was activated in situ by drying first at 
200° C for 2h under helium and subsequently by reduction under H2/He (70% v/v) till 500 °C at 
5 °C min-1. The catalyst was maintained at that temperature for 3h at a total pressure of 0.5 MPa. 
Table 4-1: Overview of the range of performance test conditions. 
Operating condition Experimental range 
Catalyst pellet diameter (µm) 100-200 
Temperature (°C) 340 
Total pressure (MPa) 0.5 
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4.3 Results and Discussion 
4.3.1 Material characterization 
4.3.1.1 Textural properties and elemental composition 
The metal loading and specific surface area (SSA) of the materials obtained through ICP 
analysis and N2-sorption measurements via BET method respectively are reported in Table 4-2, 
Figure A-3 and Table A-6. As can be seen, SSA decreases with increasing metal loading, i.e., 
initially with Mo and subsequently with Co introduction in the catalyst, which is attributed to the 
gradual filling of the pore volume [21-23]. All metal loaded samples exhibit lower surface area and 
pore volume compared to the pure support (see Figure A-2).  
4.3.1.2 Structural composition 
X-ray diffraction analyses of pure and metal loaded supports are given in Figure 4-1. As 
can be seen, the most prominent crystalline phases identified in the metal loaded samples are pure 
MoO3, and Co3O4 as well as a mixed CoMoO4. The monometallic Mo-supported material MoA 
presents sharper peaks, characteristic of MoO3 phase, than MoZ, while MoT does not present such 
peaks. This can be attributed to the different Mo-support interactions, which, particularly in the 
case of MoT, appear to result in more amorphous or highly dispersed MoO3 onto the support. 
Interestingly, the incorporation of Co in the MoT sample results in the aggregation of the MoO3 
phase, i.e., the MoO3 peak in the XRD pattern is becoming more pronounced. In the case of the 
other two monometallic Mo-supported samples, MoO3 dispersion seems to be promoted by 
incorporation of Co, as derived from the reduction of the MoO3 peak height. With increasing Co 
loading, peaks characteristic of Co3O4 and CoMoO4 phases become sharper in the case of MoZ and 
MoA, yet these phases are highly dispersed and/or rather XRD amorphous in the MoT sample, see 
Figure 4-1 (c). 
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H2 uptake (μmol g-1) NH3 uptake 
metal/acid 
site ratioa 
Region I Region II Total (μmol g-1) (μmol m-2) (-) 
ZrO2 99 ± 1 - - - - 432 4.4 - 
MoZ 80 ± 2 - 67 120 187 356 4.5 0.5 
0.25CoMoZ 80 ± 4 2.2 ± 0.1 40 131 172 306 3.8 0.6 
0.6CoMoZ 67 ± 4 5.8 ± 0.1 73 189 262 237 3.5 1.1 
1CoMoZ 66 ± 4 8.9 ± 0.2 50 111 161 207 3.2 0.8 
Al2O3 225 ± 10 - - - - 1112 4.9 - 
MoA 220 ± 1 - 65 141 205 980 4.5 0.2 
0.25CoMoA 206 ± 4 2.8 ± 0.1 43 189 231 955 4.6 0.2 
0.6CoMoA 193 ± 10 6.1 ± 0.1 42 204 246 895 4.6 0.3 
1CoMoA 181 ± 7 9.4 ± 0.2 46 169 215 817 4.5 0.3 
TiO2 152 ± 1 - - - - 517 3.4 - 
MoT 119 ± 2 - 128 110 238 476 4.0 0.5 
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Figure 4-1: X-Ray Diffractograms of (a) zirconia (b) alumina and (c) titania supported as 
prepared calcined materials. 
4.3.1.3 Reduction behavior 
Figure 4-2 depicts the H2-TPR profiles of the supported CoMo oxide samples along with 
the pure supports. These profiles are interpreted in terms of two stages: the first within a 
temperature range 300 – 600 °C (region I), followed by the second one at temperatures exceeding 
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600 °C (region II). No significant reduction has been observed during pure supports’ TPR, see 
Figure 4-2. 
Within region I, the first peak, i.e., between 300 and 400 °C, is attributed to the reduction 
of Co3O4 to CoO [24, 25] . No such peak is observed on 0.6CoMoT. This, however, may correspond 
to the high dispersion (as also evident from the XRD measurements, see Figure 4-1) and the low 
reducibility of the Co3O4 phase and/or peak overlap with the one corresponding to the reduction of 
octahedral molybdena (MoO3) to Mo
4+ [26]. The second peak, i.e., the one between 430 and 550 °C 
corresponds to the reduction of octahedrally co-ordinated Mo6+ present in MoO3 and CoMoO4 to 
Mo4+ [7, 27]. It is reported that during TPR, Mo6+ transforms into Mo4+ through an intermediate 
state (Mo5+) [28], see also section 4.3.3 where the surface characterization (XPS) of the reduced 
material is discussed in more detail. This Mo6+ reduction peak shifts to higher reduction 
temperatures with increasing Co/Mo ratio (see particularly Figure 4-2 (b) for the alumina support), 
potentially because the CoMoO4 crystalline phase, which is emerging with the Co content, limits 
the reducibility of Mo6+ [24, 29]. 
Region II reflects the further reduction of the hardly reducible Co and Mo species. The 
broad peaks around 720 – 850 °C are ascribed to the reduction of CoO to Co and of tetrahedrally 
co-ordinated molybdena (MoO3) to Mo
4+ [23, 25]. The tetrahedral phase of Mo6+ is difficult to 
reduce due to strong metal-support interactions [7]. The further reduction of Mo4+ to Mo3+ species 
could also be associated with this peak [14]. The corresponding hydrogen uptake values are given 
in Table 4-2. Interestingly, alumina and zirconia supported CoMo catalysts exhibited higher 
hydrogen consumption in region II compared to their Mo variants and to titania supported ones, 
see Table 4-2. 
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Figure 4-2: H2-Temperature Programmed Reduction (H2-TPR) of (a) zirconia (b) alumina 
and (c) titania supported as prepared calcined materials. 
4.3.1.4 Acidic properties 
Figure 4-3 depicts the NH3-TPD profiles of the supported CoMo oxide samples. The 
corresponding ammonia uptake values are given in Table 4-2, showing that the catalysts, in terms 
of total acidity, are ranked as follows: CoMoA > CoMoT > CoMoZ. The impregnation of the active 
phase decreased the total acidity of the catalysts compared to their respective bare supports, see 
Table 4-2 [30]. The decline in total acid strength could indicate that Co and Mo oxide phase 
partially covered the acid sites on the supports [30]. Acid site densities expressed as NH3 uptake 
per SSA of the catalyst, μmol m-2, were found to be rather similar, yet the metal to acid site ratios 
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vary somewhat more across differently supported catalysts, see Table 4-2. Through the acidity 
measurements performed in this work, no distinction could be made between the Lewis (LAS) and 
Brønsted (BAS) acid sites present on the catalyst materials. However, typically Al2O3 and TiO2 
contain both LAS and BAS while ZrO2 contains predominantly LAS [31-33]. 
As can be observed in Figure 4-3, all the catalysts exhibit broad desorption peaks, indicating 
a wide distribution of acid strength on the surface of the catalysts. Depending on the desorption 
temperature (Td), acid sites were designated as: weak, (Td<250 °C), medium, (250<Td<450 °C) and 
strong, (450 °C<Td). Sites of medium acid strength seem to dominate in the structure of all 
investigated materials, followed by weakly and strongly acidic sites. In particular, the TPD profiles 
of the alumina catalysts exhibit a clear tailing behavior at temperatures exceeding 450 °C indicating 
the presence of some strong acidic sites. Zirconia and titania supported catalysts mainly have weak 
and medium acidic sites, while strong acidic sites on these materials are negligible. 
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 (a)  (b) 
(c) 
Figure 4-3: NH3-Temperature Programmed Desorption (NH3-TPD) of (a) zirconia (b) 
alumina and (c) titania supported as prepared calcined materials. 
4.3.2 Catalytic performance evaluation 
4.3.2.1 Activity and Stability 
As relevant conditions for HDO activity testing a reaction temperature and total pressure of 
340 °C and 0.5 MPa, respectively were selected, employing a H2 to anisole inlet molar ratio of 
50 mol mol-1 within a space time between 5 to 230 kgcat s mol
-1
anisole. In case of zirconia-supported 
catalysts, tested at a space-time of 128 kgcat s molanisole
-1, the activity of the monometallic MoZ 
decreases during the first 10h TOS and then remains rather stable up to 50h TOS, see Figure 4-4 (a). 
The bimetallic CoMoZ catalysts with the highest Co/Mo ratio, i.e., 0.6 and 1, exhibited a higher 
initial activity than MoZ and 0.25CoMoZ. However, the activity of bimetallic CoMoZ materials 
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seems to decrease more significantly during the first 10h TOS, as compared to MoZ, while their 
deactivation continued for higher TOS, albeit less steeply. 
The alumina supported catalyst series displayed a similar performance in terms of catalyst 
stability as the zirconia supported ones. As evident from Figure 4-4 (b), the monometallic MoA 
material exhibited a less pronounced deactivation than the bimetallic CoMo variants. Overall, 
however, alumina catalysts exhibited a significantly higher initial anisole conversion, i.e., up to 
97%, see Figure B-5, in the same space-time range as employed for the zirconia based catalysts. 
Thus, to generate the intrinsic kinetics character of the data and achieve comparable conversions 
among the investigated materials, the alumina catalysts were evaluated at a much lower space-time, 
i.e., 12 kgcat s molanisole
-1 (instead of 128 kgcat s molanisole
-1 used for zirconia and titania catalysts, see 
Figure 4-4. In terms of activity, titania supported catalysts displayed a comparable level of initial 
conversions to zirconia supported ones at identical space-time, see Figure 4-4 (c). In contrast to 
their zirconia and alumina supported counterparts, Co incorporation into the MoT catalytic system 
did not significantly impact on the deactivation behavior of the material, yet it decreased the initial 
activity compared to that of the monometallic MoT, see Figure 4-4 (c). In the present work, even 
though catalysts with different supports exhibited similar acid site densities, see Table 4-2 and 
section 4.3.1.4, the differences in strength of these acid sites results in different levels of initial 
activity per gram of the catalysts [13, 32, 34]. Alumina supported catalysts with relatively more 
strong acid sites exhibited higher activity (up to 97% conversion, see Figure B-5) in comparison to 
zirconia and titania supported catalysts, where more weak and medium acid sites are present. 
Zirconia supported Mo catalysts, see Chapter 3, indicated that the decreasing catalyst 
activity with time on stream could be, in part, attributed to carbon deposition during the course of 
the reaction, which decreases the exposure of the catalyst’s active phase to the reactants and results 
in a reduced overall activity [6, 14]. The correlation between time on stream performance and 
catalyst properties is discussed in more detail further in section 4.3.3. 
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Figure 4-4: (a, b, c) Total activity of CoMo catalysts with TOS for zirconia, alumina, and 
titania supported catalysts respectively. Operating conditions: T = 340 °C, PT = 0.5 MPa, 
H2/anisole = 50 mol mol-1, W/Fº = 128 kgcat s molanisole-1 (except for alumina supported 
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4.3.2.2 Product selectivity and reaction pathways 
The typical product spectrum for all the investigated catalysts contained benzene, phenol, 
cresol, toluene, xylenes, methyl anisole, and dimethyl phenol. Trace amounts of heavier aromatic 
products such as trimethylbenzenes were also detected. Methane was the only light hydrocarbon 
by-product observed. The typical mass and carbon balances were closed within 5%. Main product 
selectivities are displayed in Figure 4-5 (a) and Figure B-6 for bimetallic catalysts, with a Co/Mo 
ratio of 0.6. For all catalysts, the deoxygenated product selectivity, i.e., towards benzene and 
toluene, exhibited a decreasing trend with TOS, similar to that observed for the anisole conversion 
(see Figure 4-4), in contrast to the phenolic product selectivity, i.e., phenol, cresol and dimethyl 
phenol, which increases with TOS. Given the decrease in conversion with TOS, the above-
described behavior is in line with what can be expected from a mere conversion effect in a 
consecutive reaction mechanism, see Chapter 3. In terms of deoxygenated product selectivity, the 
investigated materials are ranked as follows: CoMoZ>CoMoT>CoMoA. All materials exhibited a 
negligible selectivity towards aromatic ring hydrogenation products, under the investigated range 
of operating conditions. 
The acquired data suggest that anisole transformation under the aforementioned HDO 
conditions over the mono- and bi- metallic materials occurs through a complex reaction network, 
consistent to the one reported in Chapter 3 (Figure 3-10) over monometallic zirconia supported Mo 
catalysts. It was also found that, irrespective of the support, CoMo catalysts exhibit higher 
deoxygenation selectivity, as compared to the monometallic Mo catalysts at iso-conversion, i.e., 
30%, see Figure 4-5 (b). Incorporation of Co into Mo catalytic system selectively affected the 
kinetics of the already considered steps and resulted in an enhanced total HDO product 
(BTX - benzene, toluene, and xylenes) selectivity rather than opening up new reaction pathways. 
Anisole conversion on the investigated CoMo catalysts mainly started via the cleavage of 
the Caliphatic-O bond with formation of phenol and methane, i.e., demethylation. Methanol was not 
observed in the product stream, suggesting that the catalysts preferably cleave Caliphatic-O rather 
than Caromatic-O bond in anisole HDO [35-37]. The former is, indeed, weaker than the latter as 
already pointed out in Chapter 3 [4, 38]. Phenol hydrodeoxygenation leads to benzene production. 
Further, aromatic hydrogenation of benzene to cyclohexene was found to be very limited i.e., 
selectivity < 1%. The formation of methyl anisole, cresol, and dimethyl phenol also confirms the 
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occurrence of intermolecular and intramolecular methyl group transfer. Cresol and dimethyl phenol 
were found to further transform into toluene and xylenes, respectively, through direct 
hydrogenolysis [39, 40]. Furthermore, aromatic ring methylation leading to tri-methylated 
benzenes was found to take place only to a negligible extent. The introduction of Co into the Mo 
catalysts greatly enhanced their performance in terms of HDO selectivity through hydrogenolysis 
of phenolic oxygenates (phenol, cresol, and dimethyl phenol) into alkylated aromatics (benzene, 
toluene and xylenes). The presence of Co around the active Mo oxide species apparently promotes 
the breakage of phenolic Caromatic-O bond, e.g., by lowering the activation energy in comparison to 
an un-promoted Mo catalyst [4, 5, 41]. 
Optimal HDO performance has been reported to not only depend on the metal (oxide) but 
also on the acid strength of the catalyst [6, 42]. It is reported that, the acidic site strength of the 
affects the adsorption of reactants and intermediates, as well as dictates the course of the reaction 
[6, 32, 43]. In our work, alumina supported CoMo catalysts, exhibiting the highest acidity among 
the investigated materials, see Table 4-2 and Figure 4-3, were found to yield more transalkylation 
rather than deoxygenation products (SHDO=8%), see Figure 4-5. Due to relatively higher amount of 
strong acid sites on alumina supported (Co)Mo catalysts, the phenol intermediate can dissociate on 
the support and does not necessarily strongly interact with the active metal phase [43, 44]. As a 
result, phenol and its methylated variants constituted the major product fraction in case of alumina 
catalysts. In contrast, zirconia supported bimetallic materials with more weak acid sites and lower 
total acidity, mainly led to deoxygenation reactions, resulting in a SHDO as high as 86%. Benzene 
constituted the major share (66%) of deoxygenated products with mono-, di-, and traces of 
tri-methylated benzenes being the rest, on ZrO2 supported catalysts, see Figure 4-5 (a). Along with 
deoxygenated products, zirconia supported catalysts displayed a good amount (selectivity=10%) 
of aromatic ring methylation onto anisole resulting in methyl anisole. Titania supported CoMo 
materials presented medium strength acidity and their selectivities towards transalkylation and 
deoxygenation products were found to be comparable, i.e., 60 and 40% respectively with benzene 
and phenol as major part of the product spectrum followed by their methylated derivatives and 
methyl anisole, see Figure 4-5 (a). 
In comparison to zirconia supported Mo catalysts (Chapter 3), CoMoZ catalysts in this 
chapter exhibited 45% higher HDO selectivity. In addition, the present CoMoZ catalysts exhibited 
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higher deoxygenation selectivity (86%) with negligible aromatic ring hydrogenation compared to 
noble metals such as Ru (50% HDO selectivity at similar hydrogen pressures, 0.5 MPa) [45] and 
Pt, Pd (up to 60% HDO selectivity at higher hydrogen pressures, 3-4 MPa) [46, 47]. 
 (a) 
 (b) 
Figure 4-5: (a) A comparison of main product selectivity and (b) deoxygenation product 
selectivity of Mo and CoMo catalysts during anisole HDO (T = 340 °C, PT = 0.5 MPa, 
H2/anisole = 50 mol mol−1, space-time = 5-180 kgcat s molanisole-1) at iso-conversion (≈ 30 %). 
4.3.3 Spent catalyst study 
As evident from the results presented above, the catalysts HDO performance in terms of 
activity, stability and selectivity varies with the incorporation of Co as well as with the selected 
support. The active sites attributed to Mo are still believed to be the main contributors to the 
reaction. Yet the catalyst performance is significantly affected by the incorporation of Co and the 
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To gain more insight into the changes that the catalyst structure and the active surface 
undergo during anisole HDO, both reduced, i.e, prior to testing, and spent, after 50h TOS testing, 
catalyst samples were characterized via XPS and O2-TPO. With respect to XPS, emphasis was 
placed on the high-resolution window of Mo 3d transitions. After deconvolution of the XPS 
spectra, the contribution of the various Mo species, i.e., Mo6+, Mo5+, Mo4+ and Mo3+ was 
determined, see Figure 4-6. The binding energies of Mo6+, Mo5+, Mo4+, Mo3+ species were found 
to be at 232.0-232.4, 231.0-231.6, 229.1-229.7, and 228.5-228.9 eV respectively, which is 
consistent with previously reported values [14, 18, 48, 49]. It was found that the reduced catalyst 
samples still contain the original Mo6+ species as well as lower Mo oxidation states, Mo5+ and 
Mo4+, but no Mo3+ or metallic Mo phase. The existence of Mo5+ and Mo4+ species in reduced 
catalysts indicates the creation of active Mo oxide defects as reported elsewhere [14, 23, 50, 51]. 
Mo3+ was identified only in the spent bimetallic samples CoMoZ and CoMoA. As can be seen from 
Figure 4-6, the incorporation of Co in the zirconia and alumina supported Mo oxide catalysts, 
facilitates the reduction of Mo4+ to Mo3+ species during reaction, while it has a negligible effect in 
the case of titania supported material [52, 53]. Easier reducibility of Co species and the electronic 
interaction between Co and Mo leads to a deeper reduction of Mo species [26]. The differences in 
deeper reducibility between zirconia, alumina supported catalysts and titania supported one, are 
attributed to differences in metal support interactions [13]. This finding can also account for the 
relatively high hydrogen uptake, observed for CoMoZ and CoMoA, during H2-TPR analysis, in 
the region (II), compared to their monometallic counterparts and titania supported catalysts, see 
Table 4-2 and Figure 4-2. 
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 (e)  (f) 
Figure 4-6: High-resolution XPS of Mo 3d doublet transitions of catalysts with (a, b) zirconia, 
(c, d) alumina, and (e, f) titania supports in their reduced and spent form. Red: Mo6+, Orange: 
Mo5+, Green: Mo4+, Blue: Mo3+. 
In Chapter 3, it was discussed that the presence of Mo5+ species was crucial to achieve high 
catalyst stability and activity, whereas reduction to lower oxidation states induced a negative effect. 
As can be seen in Figure 4-6, the reduced alumina supported monometallic material presents the 
highest concentration of Mo5+, which is only moderately reduced during HDO testing. This 
provides an explanation for the relatively high initial activity of MoA and its subsequent stability, 
see Figure 4-4. In addition, the high activity even at lower space-times (see Figure 4-4 (b)), could 
be partially attributed to alumina’s high acidic strength. However, as mentioned before the 
incorporation of Co in the supported Mo oxide catalyst leads to steeper deactivation with TOS for 
MoA and MoZ, whereas it presents no stability effect for MoT, see Figure 4-4. This can be ascribed 
to the over-reduction of the Mo oxides and the formation of Mo3+ phase during the anisole HDO 
testing over MoA and MoZ, see Figure 4-6. In contrast, there is no Mo3+ phase detected on the 
surface of the spent MoT sample, but only constrained reduction of Mo6+ to Mo5+ and Mo4+  phases, 
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supported catalysts leading only to a limited reduction under reaction conditions such as anisole 
HDO [54]. 
 
Figure 4-7: Evolution of CO2 (m/z = 44) as a function of temperature for spent catalysts 
measured by O2-Temperature Programmed Oxidation (TPO) using MS. Conditions: O2 in 
Helium (10% v/v), flow rate = 45 ml min-1, Ramp rate = 10 °C min-1. Catalyst mass ≈ 100 mg. 
Reaction conditions: T = 340 °C, PT = 0.5 MPa, H2/anisole = 50 mol mol-1, 
W/Fº = 12-125 kgcat s molanisole-1, TOS = 50h. 
Carbon deposition on the catalyst surface may be another phenomenon responsible for catalyst 
deactivation with TOS under HDO conditions [14, 23]. O2-TPO was performed on the spent 
bimetallic materials, with Co/Mo=0.6, to follow the carbon dioxide evolution as a measure of the 
nature and quantity of carbonaceous species on the catalyst surface. As can be seen in the 
corresponding patterns in Figure 4-7, MS responses corresponding to CO2 evolution were 
identified for all the materials in the temperature range 350-380 °C, indicating the presence of 
similar carbonaceous deposits, irrespective of the nature of the support. In terms of amount of 
deposited carbon, see Table A-7, the investigated materials can be ranked as follows: 
CoMoA>CoMoT>CoMoZ, identically to the ranking with respect to total acidity, see Table 4-2 
and Figure 4-3. The presence of a relatively higher number of strong acid sites in CoMoA induces 
the formation of a higher amount of coke, which leads to a more pronounced reduction of specific 
surface area (SSA) and porosity, see Table A-8, and contributes to the deactivation of the catalytic 
material, see Figure 4-4 (b), by covering active sites. Even though CoMoT was found to develop 
slightly higher amount of coke than CoMoZ, attributed to the relatively higher acidity of the former, 
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it presented a more stable behavior [55]. CoMoZ exhibited a more pronounced deactivation trend 
under 50h TOS HDO conditions, see Figure 4-4 (a, c). This could be assigned mainly, as mentioned 
above, to the formation of the less active Mo3+ phase.  
(S)TEM analysis along with EDX elemental mapping has been performed to determine the 
structural features of CoMo catalysts with Co/Mo ratio of 0.6, prior to and after reaction. The 
particle size is difficult to estimate as molybdenum is practically homogeneously spread over the 
support. The structural morphology of the catalyst materials is intact even after 50h on stream. No 
evidence of sintering is identified, see Figure A-8. 
4.4 Conclusions 
The roles of Co incorporation into Mo based catalysts and support properties on catalyst 
stability and HDO selectivity are correlated to key properties such as reducibility, acidity and 
metal-support interaction through a wide range of physicochemical analyses of the as prepared, 
reduced as well as spent catalysts. Titania supported catalysts remain relatively stable over 50h 
TOS during anisole HDO as compared to zirconia and alumina supported variants. Bimetallic 
CoMo catalysts exhibit higher (up to 45%) HDO selectivity than their Mo counterparts within the 
investigated range of operating conditions. While alumina supported catalysts displayed higher 
activity compared to titania and zirconia catalysts, they were mainly selective towards 
transalkylation (demethylation-methylation) products rather than consecutive deoxygenated 
products. Whereas, titania supported catalysts exhibited an equivalent selectivity towards 
transalkylated and deoxygenated products. Zirconia supported catalysts (CoMoZ) presented the 
highest HDO selectivity (up to 86%) among all others. XPS analyses reinforced Mo5+ as the main 
contributor to the catalysts activity for anisole HDO. Main causes for catalyst deactivation are Mo 
over-reduction to Mo4+ and Mo3+ as well as carbonaceous deposits covering the active sites and 
blocking catalyst pores. The trend in the coke quantity reflects the trend in the acid strength of 
supports: CoMoA>CoMoT>CoMoZ. In order to improve the catalyst stability, activity, and HDO 
selectivity, detailed in-situ kinetic studies are needed and will be crucial further in determining the 
role of various reduced Mo species and acid sites on supported CoMo catalysts for HDO. 
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5. Extension of the HDO kinetics from 
anisole to more reactive bio-oil model 
compounds and their mixtures 
 
The hydrodeoxygenation of individual bio-oil model compounds with different oxygen 
functionalities and subsequent extrapolation towards complex mixture behavior on NiMo and 
CoMo catalysts up to industrially relevant conditions is presented in this chapter. Synthetic 
mixtures consisting of various oxygen functionalities, including alcohols, aldehydes, aromatics, 
and carboxylic acids, were used and, more specifically, the effect of carboxylic acids in model 
compound synthetic mixtures is addressed. Overall, the NiMo catalyst exhibited higher activity in 
comparison to the CoMo catalyst during HDO of single as well as mixtures of bio-oil model 
compounds at temperatures in the range of 100-350 °C. Aldehydes (hexanal and heptanal) 
exhibited higher reactivity compared to other oxygen functionalities tested, such as, carboxylic 
acids (heptanoic acid, hexanoic acid and acetic acid) and alcohols (heptanol). Hydrogenation 
activity of aromatics (anisole, phenol) was on par with the HDO reactivity of carboxylic acids, 
while the elimination of the oxygen functionality from anisole occurred at a similar rate of alcohol 
HDO. The presence of heptanoic acid in feed mixtures along with heptanal and anisole, shifted the 
conversion of heptanal and anisole to higher temperatures. This has been attributed to competitive 
adsorption of the acid with the aldehyde and aromatic oxygenates. In comparison, heptanoic acid 
resulted in a more pronounced decrease in anisole conversion than acetic acid. 
  
Chapter 5: Extension of the HDO kinetics from anisole to more reactive bio-oil model compounds 




Bio-oil obtained by fast pyrolysis as well as already upgraded oil comprises innumerable 
(oxygenated) compounds [1]. These compounds can be classified into several families, including 
light oxygenates, furanics, phenolics, acids, alcohols, aldehydes, sugars and heavier oligomers [2-
4]. Due to the chemical complexity of bio-oil, catalytic hydrodeoxygenation (HDO) often focuses 
on single, well-selected model compounds to (i) evaluate the performance of different catalysts, 
(ii) gain insight into the underlying chemistry, and (iii) establish relations between operating 
conditions and conversion of different molecule types [2, 4]. While being rather straightforward to 
perform experiments and analyze the entire product spectrum, the data obtained through single 
model compound HDO studies may, although very interesting, be limited to describing the HDO 
behavior of a very narrow fraction of bio-oil at specific operating conditions [5]. Since bio-oil is a 
complex mixture, assessing individual compound behavior provides only partial information on 
the reactivity, product selectivity and reaction paths. Information related to the interaction between 
different chemical groups of different reactivity during the upgrading process is essential in process 
as well as catalyst optimization [5]. Hence, analysis of mixture effects, via either a true bio-oil or 
mixtures of model compounds, is required to have a comprehensive view on catalytic 
hydrodeoxygenation. 
Carboxylic acids make up approximately 15% of fast pyrolysis bio-oils [6, 7]. These 
carboxylic acids are corrosive to conventional storage facilities and processing equipment. 
Furthermore, the acidity of the carboxylic acids is sufficient to catalyze reactions causing rather 
rapid bio-oil degradation and, hence, changes in composition and properties [8]. The reduction of 
the acid content of bio-oils is necessary to improve their long-term stability and storage. 
In the present chapter, the bio-oil model compound HDO kinetics investigation is extended 
from anisole, see also Chapter 3 and 4, to more reactive oxygenate model compounds. 
Subsequently, an extrapolation of the information obtained with these individual bio-oil model 
compounds [9, 10] towards more complex, realistic feeds is made via mixtures of compounds with 
varying oxygen functionalities, such as alcohols (hexanol, heptanol), aldehydes (hexanal, 
heptanal), aromatics (phenol, anisole) and carboxylic acids (acetic, hexanoic and heptanoic acids) 
[5, 10-16]. For this purpose, transition metal (Ni, Co, Mo; non-sulfided) catalysts have been 
selected as they have already gained their merits in bio-oil model compound HDO as discussed in 
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the previous chapters as well as in the literature [10, 17]. Given its higher HDO selectivity among 
other prominent supports used in a catalyst (see Chapter 1 and 4), zirconia is chosen as the support 
for the present NiMo and CoMo catalysts. 
5.2 Experimental methods 
Standard methods used to prepare HDO catalysts (zirconia supported NiMo and CoMo) 
and details of the operating conditions used for catalytic testing of bio-oil model compounds are 
discussed in this section. 
5.2.1 Catalyst preparation 
Zirconia supported NiMo and CoMo catalysts ((Ni or Co)/Mo ≈ 0.5, Mo = 10wt%) were 
synthesized via sequential incipient wet-impregnation. The aqueous solutions of the corresponding 
precursor salts, i.e., ammonium heptamolybdate ((NH4)6Mo7O24.4H2O, Alfa Aesar), cobalt nitrate 
hexahydrate (CoN2O6.6H2O, Alfa Aesar) and nickel nitrate hexahydrate (NiN2O6.6H2O) were used 
for the impregnation, with the former being introduced first. Support pellets were first crushed and 
sieved to obtain the 100 – 300 μm particle size fraction, and were subsequently calcined at 500 °C 
for 5h prior to impregnation. After the impregnation of the Mo salt onto the support, the samples 
were dried at room temperature for 12h and then at 120 °C for 24h, followed by calcination under 
flowing air (ca. 150 ml min-1) at 550 °C for 6h. Subsequently, Co or Ni salt was impregnated with 
same post impregnation and calcinations steps as that of Mo impregnation. Table 5-1 displays the 
textural properties of the calcined materials. 
Table 5-1: Textural properties of the support and the catalysts. 
 ZrO2 CoMo/ZrO2 NiMo/ZrO2 
BET specific surface area (m2 g-1) 98.5 80.1 78.0 
pore volume (cm3 g-1) 0.31 0.23 0.24 
pore size (nm) 9.2 8.9 10.5  
 
5.2.2 Catalytic tests 
Catalytic HDO of bio-oil model compound(s) over supported CoMo and NiMo catalysts 
was carried out in an up-flow, fixed bed reactor at three-phase conditions. More details about the 
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reactor set-up are given in Chapter 2.  The reaction temperature systematically varied from one 
target to the other with a 1h hold time, i.e., once a target reaction temperature is achieved and the 
steady-state kinetic measurements were taken, the temperature subsequently changed to the next 
target with a ramp rate of 5 °C min-1 for the next kinetic measurement at steady state. The liquid 
feed consisted of 1.5wt% of (each) bio-oil model compound dissolved in an inert solvent, n-decane 
(C10H22, from Merck chemicals). The gas feed consisted of H2 along with N2 as inert diluent (H2/N2 
= 75% v/v). 
Prior to the experiments, the catalyst was activated in-situ by drying first at 200 °C for 2h 
under nitrogen and subsequently by reduction in flowing H2/N2 (75% v/v) at 400 °C for 3h. The 
investigated range of the operating conditions is presented in Table 5-2. 
Table 5-2: Overview of the performance test conditions. 
Operating condition Experimental range 
Catalyst particle diameter (µm) 100-300 
Temperature (°C) 100-350 
Total pressure (MPa) 6 
LHSV (gfeed gcat
-1 h-1) 1.2 
H2/Oxygenate molar ratio (mol mol
-1) 35 
 
5.3 Results and Discussion 
Model compounds representing the most abundant classes of components present in bio-oil 
have been hydrotreated over CoMo/ZrO2 and NiMo/ZrO2 catalysts. The selection of the model 
mixture composition was inspired by that of a typical bio-oil in which lignin-derived components 
constitute between 20 and 40wt% with the rest of the mixture being derived from cellulose and 
hemicellulose [1]. Among the chosen model compounds, hexanol and heptanol represent the 
alcohol fraction. Hexanal and heptanal represent the aldehyde fraction, which are among the most 
abundant species in the real feeds [18, 19]. Anisole and phenol are model compounds for the lignin-
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derived components, which represent the most refractive fraction of the bio-oil [5, 9]. Heptanoic 
acid, hexanoic acid and acetic acid are used as model compounds to investigate the impact that 
carboxylic acids, that are typically found in appreciable amounts in a bio-oil due to sugars 
decomposition [2, 11], have on the overall hydrodeoxygenation behavior. The reactor effluent 
comprised unconverted reactants, the inert solvent and gas, as well as a wide spectrum of reaction 
products. 
5.3.1 Single compound feed 
CoMo and NiMo catalysts were first tested using individual model compounds with 
different oxygen functionalities, i.e., heptanal, heptanol, heptanoic acid, and anisole. The 
temperature was ramped from 100 to 350 °C while keeping the remaining operating conditions 
identical, resulting in a general increase in feed conversion at characteristic temperatures for each 
type of model compound. Feed conversions on the NiMo catalyst always exceeded those on the 
CoMo catalyst at any given temperature for the tested model compounds. 
The heptanol conversion remained practically zero until the temperature reached 200 °C on 
both NiMo and CoMo catalysts. Further increasing the temperature resulted the heptanol 
conversion to increase to 100% around T = 350 °C (see Figure 5-1), with the conversion on the 
NiMo catalyst always slightly exceeding that on CoMo. The product spectrum contained hexane 
and heptane, which are also observed in the case of heptanal and heptanoic acid HDO where the 
primary product was heptanol, see Figure 5-2. This indicates the two parallel reactions heptanol 
can follow during HDO are i) hexane formation through dehydrogenation followed by 
decarbonylation and ii) heptane formation through dehydration followed by hydrogenation [9, 11, 
15, 20]. The NiMo catalyst favored hexane formation (Figure 5-1 (a)), while the CoMo catalyst 
favored the production of heptane (Figure 5-1 (b)). 
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Figure 5-1: Conversion and product selectivities of  - heptanol over (a) NiMo and (b) CoMo 
catalysts as a function of temperature at a total pressure of 6 MPa, a feed to catalyst ratio of 
1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate molar ratio of 35. Feed: 1.5wt% of reactant 
dissolved in n-decane. Products: -hexane, -heptane. Lines are added to guide the eye. 
Heptanal as a model compound was found to be one of the most reactive ones at the 
investigated operating conditions, among the tested model compounds with different oxygen 
functionalities, especially over NiMo catalysts, see Figure 5-2 (a, b). This is in line with literature 
suggesting that aldehydes are among the most reactive species in bio-oil [21, 22]. Heptanal 
conversion reached 100% already at rather low temperatures, i.e., 200 °C, over the NiMo catalyst, 
whereas, heptanal conversion increased slowly with temperature over the CoMo catalyst, with 9% 
at 100 °C and reaching 100% at 300 °C. Heptanal HDO on both catalysts resulted in a product 
spectrum consisting of heptanol, hexane, and heptane. Heptanol is obtained as a primary product 
after hydrogenation of C=O bond of the aldehyde, which is subsequently converted to hexane and 
heptane as discussed above. However, unlike the case of heptanol HDO, the selectivity towards 
heptane increased with temperature during heptanal HDO. Another possible route is the 
disproportionation of heptanal into heptanol and heptanoic acid, which subsequently converted to 
hexane and heptane as discussed above in case of heptanol HDO and further in case of heptanoic 
acid HDO [9, 20]. Note that, even if the observations with respect to the product selectivities 
discussed here are based on temperature variations at iso-space time and, hence, an impact of 
conversion effects cannot be ruled out, the observed effects are sufficiently pronounced to also be 
attributed, at least partly if not fully,  to a true temperature effect [11]. A higher selectivity towards 
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C bond cleavage. While on the CoMo catalyst, a higher selectivity towards heptane resulting from 
heptanol dehydration and hydrogenation was observed at temperatures > 300 °C. While heptanol 
constitutes the major product fraction at temperatures below 250 °C, higher temperatures 
significantly enhanced the production of alkanes, which indicates an increased contribution of C-C 
cleavage and/or dehydration followed by hydrogenation reactions to the overall reactant 
conversion.  

























Figure 5-2: Conversion and product selectivities of (a, b)  - heptanal and (c, d)  - heptanoic 
acid over (a, c) NiMo and (b, d) CoMo catalysts as a function of temperature at a total 
pressure of 6 MPa, a feed to catalyst ratio of 1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate 
molar ratio of 35. Feed: 1.5wt% of reactant dissolved in n-decane. Products: -hexane,
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The conversion of heptanoic acid was similar to that of heptanol (Figure 5-1), i.e., lower 
than the one of heptanal (Figure 5-2 (a, b)) at the investigated operating conditions, see Figure 
5-2 (c, d). The heptanoic acid conversion increased from 3% at 175 °C to 100% as the temperature 
increased to 350 °C over the NiMo catalyst. A similar trend is observed with the CoMo catalyst, 
yet, at any of the investigated temperatures, the heptanoic acid conversion on the CoMo catalyst is 
inferior to the one on the NiMo catalyst. The product distribution obtained during heptanoic acid 
HDO was in line with that observed during heptanal HDO, over both catalysts, with heptanol as 
the primary product at lower temperatures, hexane and heptane as secondary products formed at 
higher temperatures. Based on the data acquired, possible alternate pathways for heptanoic acid 
conversion are, i) hydrogenolysis followed by decarbonylation of heptanal into hexane and ii) 
decarboxylation to hexane [15]. 
When evaluating the product selectivities presented in Figure 5-1 and Figure 5-2 as a 
function of the temperature, it is important to keep in mind that these trends can also subjected to 
a conversion effect. Nonetheless, differences in product selectivities as evident from these figures 
give already an indication of potential reaction paths occurring during HDO of several model 
compounds with the same chain length (C7). The products, hexane and heptane were the same on 
both catalysts for various model compounds. Based on present results and similar works in 
literature [9, 11, 13, 15, 20, 23], a potential reaction network for HDO of heptanol, heptanal, and 
heptanoic acid is proposed, see Figure 5-3. By-products in the current scheme are mainly water, 
CO and/or CO2 as can be seen from Figure 5-3. 
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Figure 5-3: Proposed reaction network of HDO of heptanoic acid, heptanal, and heptanol; 
R = nC6. 
In case of anisole as an individual model compound, the conversion was rather moderate at 
temperatures below 200 °C, as is evidenced from Figure 5-4. However, it increased rapidly with 
temperature and reached almost 100% conversion at T = 250 °C. The NiMo catalyst exhibited a 
rather high hydrogenation selectivity, which resulted in extensive aromatic ring hydrogenation. 
The typical product spectrum contained methoxy-cyclohexane, cyclohexanol, cyclohexene, and 
cyclohexane. Varying only the reaction temperature alone provides a pretty good idea about 
potential reaction pathways over the NiMo catalyst. First the aromatic ring is hydrogenated, 
forming methoxy-cyclohexane, followed by removal of the methyl group (Calkyl-O cleavage) and 
subsequent dehydration and hydrogenation reactions to form cyclohexanol, cyclohexene, and 
cyclohexane respectively. Yet, to corroborate the proposed reaction pathways, more experiments 
are needed such as varying the space-time, partial pressure of hydrogen, etc such as the data 
available for anisole on CoMo in Chapter 4. Unlike the NiMo catalyst, deoxygenated products such 
as benzene and toluene are observed as main reaction products when a zirconia supported CoMo 
catalyst is used with anisole as feed component, see also Chapter 4. At reaction temperatures of 
340 °C, the zirconia supported CoMo catalysts exhibited anisole conversions not exceeding 35%, 
see also Chapter 4. In essence, even though the NiMo catalyst has a higher overall activity during 
anisole HDO, it favors hydrogenation of the aromatic ring over deoxygenation in contrast to the 
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Figure 5-4: Conversion and product selectivities of  - anisole over the NiMo catalyst as a 
function of temperature at a total pressure of 6 MPa, a feed to catalyst ratio of 
1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate molar ratio of 35. Feed: 1.5wt% of reactant 
dissolved in n-decane. Products: -cyclohexane, -cyclohexene, -cyclohexanol,
-methoxy-cyclohexane. Lines are added to guide the eye. 
5.3.2 Mixture feed 
Along the same lines as the single model compounds hydrotreatment, the HDO performance of 
various mixtures consisting of hexanal, hexanoic acid, heptanoic acid, acetic acid, phenol and anisole 
was investigated. The behavior of binary mixtures with one model molecule being aromatic and the 
other being aldehyde and/or carboxylic acid, ternary mixtures with one model molecule each of 
aromatic, aldehyde and carboxylic acid were investigated. These mixtures represent the typical classes 
of compounds occurring in a real bio-oil feed and, hence, allow observing the simultaneous HDO 
reactivity behavior of compounds corresponding to the lignin as well as the sugar fraction of the bio-
oil [5, 11], see also Chapter 1. 
The NiMo catalyst exhibited a higher activity, even at temperatures below 200 °C, 
compared to the CoMo catalyst for individual model compounds as well as feed mixtures using 
hexanal, anisole and heptanoic acid as model compounds, see Figure 5-5 (a, c). In contrast with 
what was expected based on aqueous phase HDO, i.e., that carboxylic acids would promote 
HDO of aromatics in feed mixtures [12], the aromatics conversion decreased with the addition of 
carboxylic acid to the feed in the present investigation. The use of heptanoic acid in feed mixtures 
shifted the anisole and hexanal conversions to higher temperatures compared to their individual 
feed component behavior, see Figure 5-5 (a, b). This shift in conversion is more pronounced for 
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The shift in conversion of hexanal and anisole can be attributed to competitive adsorption 
between the heptanoic acid (carboxylic acid) and hexanal (aldehyde) as well as anisole (aromatic 
species) onto the active sites of the catalyst, where the carboxylic acid is preferentially adsorbed 
[15]. This assumption is in agreement with DFT calculations reported by Dupont et al. [26], who, 
indeed, found a more pronounced adsorption of propanoic acid (−63 kJ mol−1) than of propanal 
(−37 kJ mol−1). The effect of competitive adsorption of the by-products (CO and/or CO2) cannot 
be ruled out completely, in inhibition of hexanal and anisole conversion under the investigated 
operating conditions. Such possibility could increase with higher temperatures and higher partial 
pressures of CO and/or CO2, in other words, higher selectivity towards decarbonylation and/or 
decarboxylation. 
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Figure 5-5: Conversion of  - hexanal,  - heptanoic acid, and  - anisole, when fed (a, b) 
individually and as (c, d) synthetic mixtures over (a, c) NiMo and (b, d) CoMo catalysts as a 
function of temperature at a total pressure of 6 MPa, a feed to catalyst ratio of 
1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate molar ratio of 35. Feed: 1.5wt% of each reactant 
(individual model compound and in feed mixtures) in n-decane. Lines are added to guide the 
eye. 
In addition to the effect of the presence of a carboxylic acid in the feed on the anisole 
conversion, also the presence of (the most reactive) aldehyde affected the anisole conversion. 
Figure 5-6 compares the anisole conversion when fed i) individually, ii) in a binary mixture with 
hexanal, as well as iii) in a ternary mixture with hexanal and heptanoic acid. The anisole conversion 
decreases and shifts to higher temperatures, when hexanal and heptanoic acid are added to the feed 
one after another. This gives an indication that in feed mixtures, both the aldehyde and carboxylic 
acid contribute to the decrease in anisole conversion compared to when it is individually fed. The 
hexanal and heptanoic acid conversion in the binary, respectively ternary mixture, were altered 
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Figure 5-6: Conversion of anisole, as () individual model compound, () anisole co-fed with 
hexanal, and () anisole co-fed with hexanal and heptanoic acid (HA), over the NiMo catalyst 
as a function of temperature at a total pressure of 6 MPa, a feed to catalyst ratio of 
1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate molar ratio 35. Feed: 1.5wt% of each reactant 





Figure 5-7: Conversion of () hexanal and () heptanoic acid, as (a) individual model 
compounds and (b) co-fed with anisole over the NiMo catalyst as a function of temperature 
at a total pressure of 6 MPa, a feed to catalyst ratio of 1.2 gfeed gcat-1 h-1 and an inlet 
H2/Oxygenate molar ratio 35. Feed: 1.5wt% of each reactant dissolved in n-decane. Lines are 
added to guide the eye. 
In view of confirming the effect of carboxylic acid size on the conversion of aromatics, 
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observations were made when acetic acid was used as carboxylic acid (see Figure 5-8), yet, the 
effect of heptanoic acid on the anisole conversion was comparatively more pronounced.  
Quantitatively, at 250 °C, the anisole conversion almost amounts to 100% as an individual reactant 
as compared to 80% when it’s fed together with acetic acid and a mere 25% when it’s fed together 
with heptanoic acid, see Figure 5-8. Given the relatively limited difference in acid strength between 
acetic and heptanoic acid, the latter having a higher pKa than the former, the more pronounced 
inhibiting effect by heptanoic acid is attributed to its longer hydrocarbon chain. 
  
Figure 5-8: Conversion of anisole, as () individual model compound, () anisole co-fed with 
acetic acid (AA) and () anisole co-fed with heptanoic acid (HA) respectively over the NiMo 
catalyst as a function of temperature at a total pressure of 6 MPa, a feed to catalyst ratio of 
1.2 gfeed gcat-1 h-1 and an inlet H2/Oxygenate molar ratio 35. Feed: 1.5wt% of each reactant 
dissolved in n-decane. Lines are added to guide the eye. 
These observations regarding the effect of aldehyde and carboxylic acids on the conversion 
of aromatics for C7 species were verified further using different model compound mixtures. For 
this purpose, phenol, instead of anisole and hexanoic acid instead of heptanoic acid, were used in 
a ternary, synthetic mixture of phenol, hexanal, and hexanoic acid, i.e., C6 species rather than C7 
ones. Phenol conversion over the NiMo catalyst, when fed as individual model compound is 
compared with ‘phenol co-fed with hexanal (binary mixture)’ and with ‘phenol co-fed with hexanal 
and hexanoic acid (ternary mixture)’, see Figure B-7 in the Appendix. The presence of hexanal as 

























Anisole with AA co-fed
Anisole with HA co-fed
Chapter 5: Extension of the HDO kinetics from anisole to more reactive bio-oil model compounds 
and their mixtures 
 
127 
of both hexanal and phenol to a similar extent as observed in case of anisole, hexanal and heptanoic 
acid mixtures (Figure 5-5 (c), Figure 5-6).  
As mentioned earlier in Section 5.1, while a single model compound approximation of the 
true, complex bio-oil is a too simplistic approach to evaluate the HDO performance of a given 
catalyst, accounting for all the individual compounds in the real feed is also practically impossible. 
With the current approach of selecting model compounds, representing the majorly occurring 
oxygen functionalities in bio-oil and combining them in feed mixtures, insights into the effect of 
one oxygen functionality on the other could be experimentally observed and qualitatively 
explained. Even though the results obtained in the present chapter are only valid in a specific range 
of operating conditions, the present observations can be extrapolated to real feeds as a preliminary 
starting point for, e.g., a detailed study on determining the, feedstock dependent, industrially 
relevant operating conditions for bio-oil HDO. 
5.4 Conclusions 
Various bio-oil model compounds (as individual feed as well as synthetic mixtures) were 
subject to hydrotreatment over a non-sulfided, zirconia supported CoMo and NiMo catalysts. In 
the investigated range of operating conditions, aldehydes such as hexanal and heptanal exhibited 
the most pronounced HDO reactivity compared to aromatics such as anisole and phenol, alcohols 
such as heptanol and carboxylic acids such as hexanoic, heptanoic and acetic acid. The NiMo 
catalyst exhibited a higher overall activity for HDO of both individual as well as mixtures of bio-
oil model compounds compared to the CoMo catalyst in a wide temperature range (100-350 °C) in 
a three-phase reactor. Heptanal and heptanoic acid HDO occurs via heptanol as a primary product 
and n-hexane and methylcyclohexane as secondary products via C-C bond cleavage and/or 
dehydration followed by cyclization. The presence of carboxylic acids in bio-oil model compound 
feed mixtures inhibits the conversion of aldehydes and aromatics at the investigated operating 
conditions. The presence of aldehydes in feed mixtures also reduces the aromatics conversion. The 
decrease in anisole conversion is more pronounced with heptanoic acid than with acetic acid in 
feed mixtures. When extrapolated to a real bio-oil feed, full conversion of carboxylic acids and 
aromatics requires severe operating conditions (T>350 °C), such as during the deep HDO stage. 
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6. Conclusions and future work 
 
This chapter presents an overview of the most relevant results of this thesis. An outlook on the 
possible areas for future work in the subject of bio-oil catalytic hydrotreatment is shared. 
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In recent decades, the search for more sustainable energy supply, together with the 
corresponding environmental concerns, emphasized the importance of generating energy (carriers) 
from renewable sources. When aiming for transportation fuels, fast pyrolysis of lignocellulosic 
biomass has emerged as an economically feasible and highly effective technology. However, the 
produced bio-oil still requires significant upgrading before it can be processed in conventional 
processes, not to mention its direct use as a fuel. Such upgrading aims at the reduction of its high 
oxygen content and, hence, improving its stability and quality up to current standards for 
transportation fuels. 
In this thesis, catalytic hydrotreatment, also referred to as hydrodeoxygenation (HDO), is 
investigated as the most promising bio-oil deoxygenation technique. While significant 
improvements have recently been achieved in the fields of bio-oil HDO catalyst and process 
technology development, there is still a significant lack of strategic insight in the catalyst and model 
compound HDO behavior, which are at the core of the process to be optimized. The complexity of 
bio-oil renders the ambition of detailed reaction pathway investigations and the analysis of catalyst 
effects on product selectivity and yields extremely challenging. The present thesis addresses this 
endeavor by focusing on the detailed investigation of the HDO of model compounds that represent 
the major classes of oxygenates found in bio-oil using alternative catalysts. The obtained 
information not only provides valuable insights into the reaction mechanisms of the most relevant 
oxygenates conversion, but also lays a basis for the more comprehensive understanding for 
complex bio-oil mixtures HDO. 
Initial insights into the bio-oil model compound HDO were obtained using novel catalysts 
based on Mo. A series of ZrO2 supported Mo oxide catalysts were prepared and their catalytic 
activity was evaluated using anisole hydrodeoxygenation as a model reaction. A post-synthesis 
modification using H2/CH4 (80/20% v/v) was performed on Mo oxide catalysts, which was adapted 
from carburization procedures to increase amounts of active sites. The H2/CH4 (80/20% v/v) 
treatment essentially transformed MoO3 into a material with increased amounts of lower Mo 
oxidation state(s) such as Mo5+ and Mo4+, as could be derived from XPS and (in-situ) XRD 
analyses. The catalyst activity for anisole HDO was closely related to the availability of active Mo 
oxide defects, i.e., Mo5+ species. While MoO3 and Zr(MoO4)2 species were found to be amorphous 
in the 7wt% Mo loaded material(s), their crystallinity increased significantly with Mo loading up 
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to 19wt%. The catalyst with 12wt% Mo loading exhibited the highest anisole conversion amongst 
the investigated catalysts. The highest TOFanisole (0.15 s
-1) was observed over the 7wt% Mo 
catalyst(s). Mo550 and Mo700 exhibited relatively higher stability as well as TOF compared to 
MoO3 catalysts. Hydrodeoxygenation only occurred as a secondary reaction resulting in benzene 
and toluene, preceded by methyl transfer reactions yielding phenol and cresol. Aromatic 
hydrogenation was limited in the investigated range of operating conditions, allowing to avoid 
significant hydrogen consumption. Product selectivity was found not to be affected by the deployed 
Mo loading and catalyst preparation conditions. Overall, the Mo catalysts exhibited up to 50% 
selectivity towards hydrodeoxygenation during anisole HDO with an adequate stability over 100h 
TOS.  
In view of extending the knowledge on Mo catalysts behavior in bio-oil hydrotreatment, 
catalyst support effects were assessed by extending the considered supports to alumina and titania. 
On top of the alternative supports, also the incorporation of an additional metal, i.e., Co, into the 
Mo catalyst was investigated. Alumina supported catalysts exhibited a higher initial activity 
(Xanisole ≈ 97%) relative to titania and zirconia supported variants (Xanisole < 40%) at identical 
operating conditions. Titania supported catalysts remain relatively stable over 50h TOS during 
anisole HDO as compared to zirconia and alumina supported variants. Bimetallic CoMo catalysts 
exhibit higher (up to 45%) HDO selectivity than their Mo counterparts within the investigated 
range of operating conditions. Incorporation of Co into Mo catalytic system selectively affected 
the kinetics of the already considered steps and resulted in an enhanced total HDO product (BTX-
benzene, toluene, and xylenes) selectivity at the expense of trans-alkylated products (phenol, 
cresol, and dimethylphenol) rather than opening up new reaction pathways. While alumina 
supported catalysts exhibited a higher activity compared to titania and zirconia based catalysts, the 
former were mainly selective towards transalkylation (demethylation-methylation) products rather 
than deoxygenated ones. Titania supported catalysts exhibited an equivalent selectivity towards 
transalkylated and deoxygenated products. Zirconia supported catalysts (CoMoZ) presented the 
highest HDO selectivity (up to 86%) among all others, indicating its suitability when aiming at 
high HDO selectivity. XPS analyses confirmed Mo5+ species as the main contributors to the 
catalysts activity for anisole HDO, reinforcing the conclusions reported above. Also for these 
catalysts, the main causes for catalyst deactivation are Mo over-reduction to Mo4+ and Mo3+ as well 
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as carbonaceous deposits covering the active sites and blocking catalyst pores. The trend in the 
coke quantity reflects the trend in the acid strength of supports: CoMoA>CoMoT>CoMoZ. 
Despite the valuable insights into the reaction mechanisms involved into bio-oil HDO 
provided by the single model compound investigations, the extrapolation of this information to real 
mixtures is not straightforward since the reactivity of compounds in a mixture can be affected by 
mutual inhibition and poisoning. From this perspective, the bio-oil model compound HDO 
investigation is extended from anisole as a model compound to other oxygenate model compounds 
such as aldehydes, alcohols, and carboxylic acids and their mixtures. In an attempt to increase the 
complexity of the investigated feed in a step-wise manner and assess the applicability of the 
knowledge obtained from model compounds studies for extrapolation towards a more complex 
feed, an experimental investigation of model compound mixtures hydrotreatment containing 
hexanal, anisole, heptanoic acid, acetic acid, phenol, hexanoic acid was performed over the CoMo 
as well as NiMo catalysts. 
Within the investigated range of operating conditions, aldehydes such as hexanal and 
heptanal exhibited the most pronounced HDO reactivity compared to aromatics such as anisole and 
phenol, alcohols such as heptanol and carboxylic acids such as hexanoic, heptanoic and acetic acid. 
The NiMo catalyst exhibited a higher overall activity for HDO of both individual as well as 
mixtures of bio-oil model compounds compared to the CoMo catalyst in a wide temperature range 
(100-350 °C). Heptanal and heptanoic acid HDO occurs via heptanol as a primary product and 
n-hexane and methylcyclohexane as secondary products via C-C bond cleavage and/or dehydration 
followed by cyclization. The presence of carboxylic acids in model compound feed mixtures 
inhibits the conversion of aldehydes and aromatics at the investigated operating conditions. The 
presence of aldehydes in feed mixtures also reduces the aromatics conversion. The decrease in 
anisole conversion is more pronounced with heptanoic acid than with acetic acid in feed mixtures. 
When extrapolated to a real bio-oil feed, full conversion of carboxylic acids and aromatics require 
severe operating conditions (T>350 °C), such as during deep HDO. 
Overall, it can be concluded from this thesis that Mo5+ species act as the main contributors 
to the activity of Mo catalysts for bio-oil HDO. Using anisole as a model molecule 10-12wt% Mo 
loading was identified as optimal with respect to activity. Co addition to Mo catalysts enhanced 
the HDO selectivity up to 45%. A zirconia support allowed further enhancing the deoxygenated 
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product selectivity up to 86%, while titania as support resulted in a more stable catalyst during 
anisole HDO. Mo and (Co)Mo catalysts exhibited interesting selectivities towards deoxygenation 
and trans-alkylation reactions rather than aromatic ring hydrogenation during anisole HDO. In 
terms of HDO reactivity, aldehydes (heptanal, hexanal) ranked highest in comparison to carboxylic 
acids and alcohols. Carboxylic acids inhibit the conversion of aldehydes and aromatics in bio-oil 
model compound mixtures HDO investigation. Taking all the results into account, the work 
discussed in this thesis lays a good foundation for the extension of the knowledge on catalyst 
requirements for bio-oil model compounds HDO as well as in understanding the intricacies of 
complex feed mixtures and real bio-oil feeds HDO kinetics. Although this work increased our 
understanding of reducible metal oxides for HDO of bio-oil derived model compounds, there are 
still significant challenges for viable conversion of biomass to transportation fuels and value-added 
chemicals. In order to pursue the ultimate goal of the started research, few points that, potentially, 
deserve attention in further extension of the current work are summarized here: 
 Using supported Mo and CoMo oxide catalysts for anisole HDO up to 100h time on stream 
indicated that catalyst stability is a major concern. The stabilization of active metal form in 
higher oxidization states (e.g. Mo5+) and prevention of carbon deposition remains a critical 
factor in the commercialization of these catalysts as they have been used in this work. In 
future work, the stability of the catalyst needs to be enhanced to withstand harsh reactive 
environments of real bio-oil feed. 
 One of the significant results of the work is the demonstration of Mo5+ as active phase for 
anisole HDO in Mo and (Co)Mo catalysts. The fundamental reasons for this higher 
reactivity need to be explored in more detail. The evolution of surface composition, 
catalytic functionality in an oxygenate environment presents unique challenges in studying 
the structural and chemical changes of these materials and highlights the critical importance 
of an in-situ catalyst transformation study in assessing the active site requirements in these 
materials for bio-oil HDO. In-situ and operando techniques such as, ambient pressure X-
ray photoelectron spectroscopy (XPS), in-situ X-ray diffraction (XRD) and in-situ Raman 
spectroscopy can play a critical role in determining the active phase, the impact of different 
oxidation states on reactivity and the nature of active sites for catalysis for HDO on the 
materials. 
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 Extension of the model compounds kinetics knowledge database. The present work 
provides information on HDO kinetics of anisole hydrotreatment in great detail and on 
carboxylic acids, aldehydes, alcohols and phenols hydrotreatment to a more limited extent. 
The latter components constitute a significant fraction of bio oil. However, to be able to 
reach higher level of detail in the understanding of the hydrotreatment of a true bio-oil, it 
would be highly beneficial to explore the deoxygenation kinetics of other functionalities, 
which are present in bio-oil in smaller quantities. Firstly, attention should be paid to the 
functionalities that were not encountered within the reaction networks investigated in the 
current work, e.g., furans. Further, it is suggested to assess the deoxygenation kinetics of 
more complex molecules such as sugars. It is also recommended to perform some limited 
experimentation with model molecules containing more than one functional group, identical 
or different. 
 Extension of gas phase kinetics to liquid phase reactions. While a part of present thesis was 
focused on liquid phase kinetic measurements on various bio-oil model compounds, a well-
designed set of experiments at industrially relevant operating conditions would expand the 
understanding of complex feed mixtures HDO behavior. 
 Apart from the type of the catalyst, the selected model compound controls the reaction and, 
hence, the reaction kinetics. The construction of a kinetic model with a clear identification 
and distinction between catalyst and kinetics descriptors would allow quantification of the 
qualitative insights gathered in this thesis and validate the conclusions made. It is an 
essential step forward in a comprehensive understanding of bio-oil hydrotreatment, which 
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Figure A-3: N2-sorption isotherms of bare supports and x(Co or Ni)Mo and catalysts. x is 
metal loading ratio ((Co or Ni)/Mo). 





Figure A-4: X-Ray Diffractograms of (a) 12MoO3, 12Mo550, 12Mo700 (b) 19MoO3, 









































Figure A-5: Time resolved in-situ XRD for 19MoO3 material during (a) TPR under H2/He 
(10 % v/v) mixture; heating rate: 5 °C min-1, maximum temperature 350 °C, hold time: 1h. 
(b) TPR under H2-He-CH4 (H2/CH4 = 4 v/v) mixture; heating rate: 5 °C min-1, maximum 
temperature 550 °C, hold time: 1h. The X-axis follows the time scale according to the heating 
rate of the reduction, which started from ambient to the target (350 or 550 °C) value. 
 
 







































































Figure A-7: TEM images and EDX elemental mapping of (a) fresh and (b) spent 
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Figure A-8: (S)TEM images and Mo, Co EDX elemental mapping of reduced and spent 
catalysts (TOS = 50h) on different supports with Co/Mo = 0.6. 
  




Figure A-9: NH3-Temperature Programmed Desorption (NH3-TPD) of 7MoO3, 12MoO3, 
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Table A-1: CO chemisorption results of MoO3, Mo550 and Mo700. 
Property Catalyst 
Molybdenum loading (wt%) 
7 12 19 
% Mo dispersion 
(active Mo, μmol g-1) 
MoO3 
2.73 ± 0.23 
(18.33 ± 1.5) 
2.55 ± 0.07 
(29.86 ± 0.8) 
0.95 ± 0.21 
(17.89 ± 3.99) 
Mo550 
1.00 ± 0.26 
(6.71 ± 1.7) 
1.70 ± 0.36 
(19.90 ± 4.2) 
- 
Mo700 
1.45 ± 0.21 
(9.72 ± 1.4) 
1.55 ± 0.49 
(18.15 ± 5.8) 
- 
 
Table A-2: Carbon content in the spent and fresh samples of 7Mo700, 12Mo700, and 
19Mo700 catalysts calculated through CHNS elemental analysis. 
Catalyst 
C, wt% 
Fresh (as prepared) Spent (TOS = 100h) 
7Mo700 0.101 2.264 
12Mo700 0.144 2.397 
19Mo700 0.154 2.417 
 
Table A-3: Atomic concentration ratios of fresh and spent catalysts obtained by XPS. 
 C/Mo 
Sample Fresh (as prepared) Spent (TOS = 100h) 
12MoO3 3.2 7.62 
12Mo550 4.4 11.3 
12Mo700 5.4 8.18 
 
Table A-4 Binding energies of Mo 3d transitions for 12wt% Mo loaded samples. 
Sample 
BE (eV) of Mo3d5/2  
Mo6+ Mo5+ Mo4+ 
12MoO3_fresh 232.2 - - 
12MoO3_reduced 232.4 231.6 - 
12Mo550 232.1 231.1 229.7 
12Mo700 232.0 231.0 229.1 
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Table A-5: NH3-Temperature Programmed Desorption (NH3-TPD) results of MoO3, Mo550 
and Mo700. 
 Catalyst 
Molybdenum loading (wt%) 
7 12 19 
NH3 uptake (mmol/g) 
MoO3 1.366 1.268 0.910 
Mo550 - 1.952 - 
Mo700 - 1.999 - 
 
Table A-6: Specific surface area (SSA), pore volume, and pore diameters of fresh materials. 
Catalyst SSA, m2 g-1 pore volume, cm3 g-1 pore diameter, nm 
ZrO2 99±1 0.31±0.01 9.2±0.2 
MoZ 80±2 0.31±0.01 11.6±0.1 
Al2O3 225±10 0.75±0.02 9.0±0.1 
MoA 220±1 0.65±0.01 8.6±0.1 
TiO2 152±1 0.38±0.01 7.5±0.2 
MoT 119±2 0.29±0.01 7.5±0.1 
 
Table A-7: Carbon content in the spent samples of CoMoZ, CoMoA, CoMoT catalysts. 
Spent Catalyst  (TOS = 50h) C, mmol gcat
-1 
0.6CoMoZ  4.24 
0.6CoMoT  5.38 
0.6CoMoA  9.71 
 
Table A-8: Specific surface area (SSA), pore volume, and pore diameters of fresh and spent 
catalysts. 
Catalyst 
SSA, m2 g-1 decrease 
% 
pore volume, cm3 g-1 decrease 
% 
pore diameter, nm decrease 
% Fresh Spent Fresh Spent Fresh Spent 
0.6CoMoZ 67±4 52±3 22 0.20±0.02 0.16±0.02 24 9.2±0.3 8.5±0.2 8 
0.6CoMoA 192±10 127±6 34 0.58±0.03 0.37±0.02 37 8.8±0.1 8.3±0.1 6 
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Figure B-1: Schematic of Gas Chromatography set-up used during the anisole 
hydrodeoxygenation experiments in HTK-S setup. 
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Table B-1: Calibration factors of chemical components during the anisole 
hydrodeoxygenation experiments in HTK-S setup, during the GC analysis. 
Component CFi, FID 
hexane 1.0923 
















Figure B-2: (a) GC instrument method and (b) typical chromatogram of the anisole 























 (e)  (f) 
Figure B-3: (a, b, c, d) Conversion vs. selectivity plot through change of space-time in the 
range of 50–230 kgcat s molanisole-1 and (e, f) Temperature effect on conversion and product 
selectivities for 12MoO3 catalyst; Operating conditions: PT = 0.5MPa, 
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Figure B-4: TOF of (a) oxide catalysts with varying Mo loading, (b) 12MoO3, 12Mo550, and 
12Mo700. Operating conditions: T = 340 °C, PT = 0.5MPa, H2/anisole = 50 mol mol-1, 


















































































Figure B-5: Typical product selectivity and anisole conversion plot with TOS for 0.6CoMoA 
catalyst. Operating conditions: T = 340 °C, PT = 0.5 MPa, H2/anisole = 50 mol mol-1, 
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Figure B-6: Typical product selectivity and anisole conversion plot with TOS for (a) 
0.6CoMoZ (b) 0.6CoMoA and (c) 0.6CoMoT catalysts. Operating conditions: T = 340 °C, 
PT = 0.5 MPa, H2/anisole = 50 mol mol-1, W/Fº = 128 kgcat s molanisole-1 (except for 0.6CoMoA, 
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Figure B-7: Conversion of () phenol, () hexanal and () hexanoic acid when reactant feed 
is (a) phenol (b) phenol + hexanal and (c) phenol + hexanal + hexanoic acid respectively over 
the NiMo catalyst as a function of temperature at a total pressure of 6 MPa, a feed to catalyst 
ratio of 1.2 gfeed gcat -1 h-1 and an inlet H2/Oxygenate molar ratio of 35. Feed: 1.5 wt% of each 
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